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Recent and ongoing research in the distillation of nonideal mixtures is reviewed focus-
ing on advances in the methodologies for the synthesis, design, analysis and control of
separation sequences involvinghomogeneous and heterogeneous azeotropic towers. Maps
of residue curves and distillation lines are examined, as well as geometric methods for
the synthesis and design of separation sequences, trends in the steady-state and dynamic
analysis of homogeneous and heterogeneous towers, the nonlinear behavior of these
towers, and strategies for their control.

Emphasis is placed on the methods of computing all of the azeotropes associated
with a multicomponent mixture, on the features that distinguish azeotropic distillations
from their zeotropic counterparts, on the potential for steady-state multiplicity, and on
the existence of maximum and minimum reflux bounds. Important considerations in the
selection of entrainers are examined. For the synthesis of separation trains, when deter-
mining the feasible product compositions, the graphical methods are clarified, especially
the conditions under which distillation boundaries can be crossed and bounding strate-
gies under finite reflux. The application of geometric theory to locate the fixed points, at
minimum reflux, is reviewed in connection with homotopy-continuation algorithms for
this purpose. The use of homotopy-continuation algorithms, especially for the steady-
state simulation of heterogeneous azeotropic distillations, is justified. Methods for phase
stability analysis are reviewed in connection with the location of real bifurcation points
at phase transitions, an important feature of algorithms for the dynamic simulation of

heterogeneous azeotropic distillations.

Introduction

Virtually every chemical plant has a separation unit(s) to
recover products, by-products, and unreacted raw materials.
By and large, this is accomplished by multistage processes,
with distillation dominant throughout the chemical industry.
Although many new separation techniques are being devel-
oped, it seems clear that distillation will remain the method
of choice, especially for the large-scale separation of non-
ideal mixtures. This view was presented convincingly by Fair
(1987).

To our knowledge, Wang and Wang (1981) published the
most recent review in an article that focuses on the analysis
and simulation of multistage separation processes. Since then,
the new developments have concentrated on the separation

Correspondence concerning this article should be addressed to W. D. Seider.

96 January 1996 Vol. 42, No. 1

of nonideal mixtures, with emphasis on azeotropic distilla-
tion. Consequently, it has been our objective to present a
comprehensive review of the methods for analysis, entrainer
selection, column sequencing and design, and column con-
trol, while concentrating on azeotropic distillation, but con-
sidering the separation of nonideal mixtures in general. Many
new concepts and computational tools are reviewed with sug-
gestions provided for future research. An attempt is made to
clarify the bounding strategies for the sequencing of
azeotropic distillation towers, which involve complex graphi-
cal constructions that have been presented in several recent
articles.

Azeotropy and polyazetropy

Azeotrope, an ancient Greek word that translates as “to
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boil unchanged,” means that the vapor emitted has the same
composition as the liquid (Swietoslawski, 1963). To classify
the many azeotropic mixtures, Lecat (1918) examined their
deviations from Raoult’s law. For a multicomponent
vapor-liquid system, the equilibrium constant for species i,
K, is defined by

Kisﬁz_._y‘l{’ , )
Xx; ¢/ P

where y; and x; are the mole fractions of species i in the
vapor and liquid phases, respectively, at equilibrium. Herein,
the degree of nonideality is expressed by the deviations from
unity of the activity coefficient, v}, for the liquid phase and
the fugacity coefficient, ¢, for the vapor phase; f is the
pure-liquid fagacity of species i. At low pressure, ¢/ =1 and
ft=P?, and Eq. 1 reduces to

K.

12

[}

i B
=yl 2
Pl @

where P is the vapor pressure of species i at the tempera-
ture T. A maximum-boiling azeotrope occurs for negative de-
viations from Raoult’s law (v < 1.0). For a minimum-boiling
azeotrope, the deviations from Raoult’s law are positive (v
> 1.0). When the deviations are sufficiently large (v~ > 1.0),
phase splitting may occur and a minimum-boiling heteroge-
neous azeotrope forms having a vapor phase in equilibrium
with two liquid phases. A heterogeneous azeotrope occurs
when the vapor-liquid envelope overlaps with the
liquid-liquid envelope, as illustrated in Figure 1. For a ho-
mogeneous azeotrope, when x;=x,,.,=Yy;, the mixture
boils at this composition, as shown in Figure 1a. Whereas, for
a heterogeneous azeotrope, when the overall liquid composi-
tion, x; = X7 ., =Y, the mixture boils at this composition,
as illustrated in Figure 1b, but the three coexisting phases
have distinct compositions.

At an azeotropic point, the equilibrium constants for all of
the species are unity. Hence, a simple distillation approaches
this point, at which no further separation can occur. For this
reason, in nonlinear dynamics, an azeotrope is called a sta-
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Figure 1. Binary phase diagram at a fixed pressure for
a: (a) homogeneous azeotrope; (b) heteroge-
neous azeotrope.
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tionary or fixed point. For the past two decades, several re-
searchers, most notably Doherty and coworkers, have fo-
cused on the properties of fixed points to produce insights
concerning the operation of azeotropic distillation towers, as
well as to develop design methodologies. Although the analy-
sis of nonlinear dynamics is highly mathematical, it is rapidly
gaining acceptance by many practitioners in the field.

Residue curves and distillation lines

In recent years, several of the mathematical and geometri-
cal analyses in azeotropic distillation have utilized simple-dis-
tillation residue curves and distillation lines. Consequently, in
this section, these constructs are derived, interpreted, and
applied to the separation of homogeneous and heteroge-
neous mixtures in tray towers.

Residue Curves. Since the turn of this century, the
residue-curve map, which represents the residue composition
in simple distillation, has been used to characterize the be-
havior of binary azeotropic mixtures (Ostwald, 1900;
Schreinemakers, 1901, 1903). Through the application of the
residue-curve map, many years later, several Russian scien-
tists analyzed the composition profiles in multicomponent
distillation columns in the vicinity of azeotropes and pure
species. Bushmakin and Kish (1957a,b) studied ternary mix-
tures, while Zharov (1967, 1968a,b) extended their analysis to
quaternary mixtures and multicomponent systems, in general.
Ten years later, Matsuyama and Nishimura (1977) and Do-
herty and Perkins (1978a,b; 1979) further developed and ap-
plied this analysis for the separation of multicomponent ho-
mogeneous mixtures. Recently, Pham and Doherty (1990a,b,c)
extended the analysis to apply to heterogeneous mixtures.

A vapor-liquid residue-curve map is constructed by tracing
the composition of the residue of a simple distillation in time.
Consider L moles of liquid with mole fractions, x; (i=1, ...,
N,), in a simple distillation, as illustrated in Figure 2. A dif-
ferential portion of this liquid, AL moles, is vaporized. The
vapor phase has mole fractions, y; (i =1, ..., N,), assumed to
be in equilibrium with the remaining liquid. Since the resid-
ual liquid, L — AL moles, has mole fractions, x; + Ax,, the

dL;y;
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Figure 2. Simple-distillation still.

January 1996 Vol. 42, No. 1 97



mass balance for species i is given by

Lx,=(AL)y. +(L —AL)(x,+Ax) i=1,...,N,—1.
3
In the limit, as AL — 0,
dxi
—d—l‘/—L=xi°—yi=xi(1—Ki{T,P,.lC,X}) l=1, .,Ns—l,
4)
and setting, df = dL/L,
i 1 N,—1 ()
“E—xi—yl =1, ..., N H

where K, is given by Eq. 1.

As discussed by Laroche et al. (1992b) and Fidkowski et al.
(1993a), f can be interpreted as:

1. The dimensionless time, with the solutions of Eq. 5
defining a family of residue curves, as illustrated later in Fig-
ure 4. Note that each residue curve is the locus of the compo-
sitions of the residual liquid in time, as vapor is boiled off
from a simple-distillation still. Often, an arrow is assigned in
the direction of increasing time (and increasing temperature).

2. The dimensionless height of a packed column, with the
solutions representing the liquid compositions, in equilibrium
with the vapor compositions, in a packed column at rotal re-
flux (Van Dongen and Doherty, 1985).

When tray towers are modeled assuming vapor—liquid
equilibrium, it is generally assumed that the residue curves
are accurate representations of the liquid composition pro-
files at total reflux (Van Dongen and Doherty, 1985; Bekiaris
et al., 1993). However, the residue curves are at best an ap-
proximation to the liquid composition profiles. In the discus-
sion that follows, the approximation is considered first at to-
tal reflux, and then at finite reflux.

Consider a backward-difference approximation at tray »n + 1
in a distillation tower:

d_)_C ‘En+1_'§n+0{(A»\)2} (6)
Y~ =g t y
dt 4+ At

where n is the tray counter (counting downward). Substitut-
ing, Eq. 5 becomes

“"A_—‘n‘z)_‘nﬂ")’nﬂ- ¢)

When Af is set to unity, Eq. 7 becomes
X, = Xn+ 1» (8)

which is the equation for the operating line of a multistage
tower at fotal reflux. Due to the approximation in Eq. 7, the
residue curves, which are the solutions of Eq. 5, only approxi-
mate the liquid composition profiles at total reflux.
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At finite reflux, the operating line in the rectifying section
is given by the mass balance about the top n trays:

Ly 1¥,-1=V,y,— Dyp (9

Expanding x,_, about x, using a Taylor series,

dlcn 2
xn_1=)_c,,+-d—h—(Ah)+ o{(ah)?}, (10)

where Ah=h,_—h,=—1, Eq. 9 becomes

dx, v, D )
dh =¥”“TX’I+_E——3YD+ 0{(Ah) }. (11)

n—1

n—1

Note that at total reflux, with D=0 and V,=L,_,, BEq. 11
reduces to Eq. 5 with f = h. However, the Taylor series ex-
pansion is only valid for A2 — 0, and therefore, the solution
of Eq. 5 approximates the liquid compositions at fotal reflux.
Clearly, the solution of Eq. 11, at finite reflux, deviates even
further from the residue curves.

The singular (fixed) points of the residue curves are points
on the composition simplex where the driving force for change
in the liquid composition is zero; that is, dx/df =0. Obvi-
ously, this condition is satisfied trivially at the azeotropes and
pure-species vertices. For a ternary mixture with a binary
azeotrope, there are four fixed points on a triangular dia-
gram: the binary azeotrope and the three vertices. Further-
more, the behavior of the residue curves in the vicinity of
singular (fixed) points depends on the eigenvalues of the Ja-
cobian matrix of Eq. 5. For ternary mixtures, Eq. 5 is com-
prised of two nonlinear ordinary differential equations
(ODEs). At each vertex, these ODEs have two identical
eigenvalues and, at the azeotropic point, two distinct eigen-
values. In general, the solution at the highest-order singular-
ity contains the most complex behavior, and hence, in this
case, it is sufficient to study the behavior of the residue curves
in the vicinity of the binary azeotrope. There are three be-
haviors, depending upon the two eigenvalues:

1. Two negative eigenvalues: A, < 0. In this case, as { -,
the residue curves approach the binary azeotrope, as illus-
trated in Figure 3a. Here, the azeotropic point is a stable
node.

2. Two positive eigenvalues: A, > 0. In this case, the
residue curves diverge from the binary azeotrope and the
azeotropic point is an unstable node, from which all of the
residue curves eminate, as illustrated in Figure 3b.

@mz @E NODE /y
(® () ()

Figure 3. Stability of residue curves for a ternary sys-
tem in the vicinity of a binary azeotrope.
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Figure 4. Residue curves of a ternary system with a
minimum-boiling binary azeotrope.

3. Positive and negative eigenvalues: A, <0, A, > 0. In this
case, the residue curves approach the binary azeotrope in the
direction of the eigenvector associated with A;, and move
away from it in the direction of the eigenvector associated
with A,. Therefore, this azeotropic point is a saddle, as illus-
trated in Figure 3c.

As will be described later, in the subsection on the Geo-
metric Interpretation, higher-order singularities often intro-
duce one or more simple-distillation boundaries that separate
two or more distillation regions. In each distillation region, a
residue-curve map has one stable and one unstable node. For
a ternary system with a minimum-boiling binary azeotrope of
heavy (H) and light (L) species, no simple-distillation bound-
ary is formed, and therefore, there are four fixed points: one
unstable node at the binary azeotrope (A), one stable node
at the heavy component (H), and two saddles at the vertices
of the light (L) and intermediate (I) species, as illustrated in
Figure 4. As the number of species increases, the residue
curves in the vicinity of the azeotrope involving the most
species become more complex. Zharov (1968a) studied a qua-
ternary mixture and analyzed the eigenvalues of the residue
curves in the neighborhood of a quaternary azeotrope. He
discovered a three-dimensional saddle, which is absent in
ternary systems.

Distillation Lines. Distillation lines, although similar to
residue curves, have subtle differences, and consequently,
care must be taken to use them in place of residue curves,
when necessary, for the analysis of azeotropic towers. In this
section, the distillation line is derived, and its behavior in the
vicinity of its fixed points is discussed. In addition, and subse-
quently in the section on Feasible Product Composition, the
relationship between the overall material balance line and
the distillate line is considered.

Unlike the residue curve, the distillation line is the operat-
ing line at total reflux, where Eq. 9 reduces to Eq. 8, with the
composition of the liquid stream leaving tray », x,, identical
to the composition of the vapor stream entering tray s, y,,, 1.
The Gibbs phase rule implies that under isobaric (or isother-
mal) conditions, the vapor compositions at equilibrium on tray
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Figure 5. Distillation line and its tie-lines.

n+1 can be expressed as a function of the liquid composi-
tions:

Yne1 = M{x, .1}, (12)

where I is a function that maps x,,, onto y,.,. At total
reflux, Eq. 8 gives

x,= Mix,, } (13)

or
Topr= Mz} = My, 3= = My, (14)

where O is the inverse of 9. Equation 14 implies that x,,,
is obtained by applying the 9-mapping on xx, (n + 1) times,
where each mapping corresponds to an additional stage. Thus,
the distillation line is the locus of liquid compositions, x,
.y X ..., that satisfy Eq. 14. Since Eq. 8 requires that the
corresponding vapor compositions at equilibrium also lie on
the same distillation line, Zharov (1968¢) and Zharov and
Serafimov (1975) define a distillation line as the locus of lig-
uid compositions whose vapor compositions at equilibrium
also lie on the same line. Geometrically, this requires that
the vectors connecting x, and y, (tie lines) be the chords of
the distillation line, as illustrated in Figure 5.
Let £ be the limiting composition of x, as n approaches
infinity, that is,

£= lim 9M"{x,). (15)

n—wx

Equation 15 gives ultimate liquid composition as the number
of trays approaches infinity. Therefore, £ is the so-called
pinch, fixed, or singular point of a distillation line. Conse-
quently, pure species and azeotropes are candidates for %,
and furthermore, Zharov (1968c, 1969) shows that the distil-
lation lines and residue curves have identical properties in
the vicinity of singular points. By expanding Eq. 14 about a
singular point, £, Zharov (1968¢) studies the dynamics of the
deviation variables, x — £, and obtains stability properties

identical to those illustrated in Figure 3.
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Figure 6. Residue curve and distillation line through P.

Geometric Interpretation. To utilize the residue curves and
distillation lines properly in the geometrical methodologies
for separation train synthesis and column design, to be cov-
ered in the section on Separation Train Synthesis and Col-
umn Design, it is important to understand their geometric
properties. Let’s begin with the observation that Eq. 5 re-
quires the tie-line vectors, connecting liquid composition, x,
and vapor composition, y, at equilibrium, to be tangent to
the residue curves, as illustrated in Figure 6. Since these tie-
line vectors must also be chords of the distillation line, the
residue curves and the distillation lines must intersect at the
liquid composition, x. Note that when the residue curve is
linear (as for binary mixtures), the tie-lines and the residue
curve are colinear (i.e., the distillation lines coincide with the
residue curves).

Figure 7a shows two distillation lines (8, and §,) that in-
tersect a residue curve at points A and B. As a consequence
of Eq. 5, their corresponding vapor compositions at equilib-
rium, @ and b, lie at the intersection of the tangents to the
residue curves at 4 and B with the distillation lines 8, and
8,. Clearly, the distillation lines do not coincide with the
residue curves, as implied mistakenly in several articles. In
Figure 7b, a single distillation line, connecting the composi-
tion on four adjacent trays (at C, D, E, F) and crossing four
residue curves ( pc, pp, pg, pr) at these points.

Residue-Curve and Distillation-Line Sketches. For a given
mixture, the boiling points and the compositions of all of the
azeotropes and polyazeotropes can be used to characterize
the stability of every species and azeotrope therein. Given
this stability information, the families of residue curves and
distillation lines can be sketched in the composition simplex
(a triangular diagram for ternary mixtures) (Petlyuk and
Avetyan, 1971; Petlyuk et al.,, 1975a,b,c; Doherty and Perkins,
1979). This graphical representation can be extended to four
species using tetrahedra (Zharov, 1968a,b,c, 1969; Rev et al.
1992, 1994), but not easily. Therefore, the graphical repre-
sentations of Eqgs. 5 and 13 are limited in practice to the sep-
aration of binary mixtures, using a mass separating agent, and
ternary azeotropic mixtures, with no loss of generality.

To sketch the residue curves and distillation lines, first, the
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Figure 7. Geometric relationship between distillation
lines and residue curves.

boiling points of the pure species are entered at the vertices.
Then, the boiling points of the binary azeotropes are posi-
tioned at the azeotropic compositions along the edges, with
the boiling points of the ternary azeotropes positioned at their
compositions within the triangle. Then, arrows are assigned
in the direction of increasing temperature, corresponding to
the increasing temperature in a simple-distillation still or on
the trays that approach the bottom of a distillation tower.
Typical diagrams for mixtures involving binary and ternary
azeotropes are illustrated in Figure 8. Figure 8a is for a sim-
ple system, without azeotropes, involving nitrogen, oxygen,
and argon. In this mixture, nitrogen is the lowest-boiling
species, argon is the middle boiler, and oxygen is the
highest-boiling species. Thus, along the oxygen—argon edge
the arrow is pointing to the oxygen vertex, and on the re-
maining edges the arrows points away from the nitrogen ver-
tex. Since these arrows point away at the nitrogen vertex, all
of the residue curves or distillation lines emanate from it. At
the argon vertex, the arrows point to and away from it. Since
the residue curves and distillation lines turn in the vicinity of
this vertex, it is not a terminal point. Rather, it is referred to
as a saddle point. All of the curves end at the oxygen vertex,
which is a terminal point. For this ternary mixture, the map
shows that pure argon cannot be obtained in a simple distilla-
tion. It is important to recognize that because the residue
curves and distillation lines have the same properties at fixed
points (vertices and azeotropes), both families of curves are
sketched similarly. As discussed earlier, their differences are
pronounced in regions that exhibit extensive curvature.
Simple-Distillation and Distillation-Line Boundaries. This
graphical approach effectively locates the starting and termi-
nal points and the qualitative locations of the residue curves
and distillation lines. As illustrated in Figure 8b and 8c, it
works well for binary and ternary azeotropes that exhibit
multiple starting and terminal points. In these cases, one or
more simple-distillation or distillation-line boundaries (lines DE
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Figure 8. Maps of residue curves or distillation lines: (a)
a system without azeotropes; (b) a system
with two binary azeotropes; (c) a system with
binary and ternary azeotropes (Stichimair et
al., 1989).

and CF in Figures 8b and 8¢c) divide these diagrams into re-
gions with distinct pairs of starting and terminal points. It has
been shown by Doherty and Perkins (1979) that, for the sepa-
ration of homogeneous mixtures by simple distillation, these
separatrices cannot be crossed. A feed located in region
ADECA in Figure 8b has a starting point approaching the
composition of the binary azeotrope of octane and 2-ethoxy-
ethanol and a terminal point approaching pure ethylbenzene.
Whereas, a feed located in region DBED has a starting point
approaching the same binary azeotrope, but a terminal point
approaching pure 2-ethoxy-ethanol. In this case, a pure oc-
tane product would not be possible.

Van Dongen and Doherty (1985) used the residue-curve
maps for the design of multistage distillation processes. Their
analysis implied that the compositions along the operating
lines of a distillation tower cannot cross the simple-distilla-
tion boundaries (obtained using the simple-distillation still in
Figure 2). In their analysis, with the assumption of constant
molar overflow, species balances are written for the stages in
the rectifying and stripping sections:

Rectifying Section:
, r 1
Xm+l=m)_/m+m.§1_) m=0,1, ..., M (16a)
AIChE Journal

X0 = Xp (16b)
Stripping Section:
s C 0,1,...,N, (17a)
¥n+l_s+1_yn s+1'§B n=u,1, ..., ) a
Xo=Xg (17b)

where the rectifying and stripping sections contain M and N
stages, respectively, r and s are the reflux ratios in these sec-
tions, ¥}, is the vector of vapor mole fractions in the rectify-
ing section on stage m, x, is the vector of liquid mole frac-
tions in the stripping section on stage n, x, is the vector of
distillate mole fractions, and xz is the vector of bottoms-
product mole fractions. Note that the stages are counted
downward in the rectifying section and upward in the strip-
ping section. These difference equations define the operating
lines. When combined with Eq. 1, which relates the liquid
and vapor compositions on a stage at equilibrium, the solu-
tion is a set of discrete points in the composition simplex,
which are often connected to show their sequence. Alterna-

tively, these difference equations can be approximated by
ODE:s expressed in the continuous variables, £/, £°, §, $*
Rectifying Section: c
dx:r Al r Ar 1 (18 )
— —_ + —
dh, -~ r+1 y T a
#h, =0} =1x, (18b)
Stripping Section:
B o e (192)
= + —
dn, s+1? TirieT R a
20h, =0} = x; (19b)

where A, is the elevation in the rectifying section relative to
the condenser (4, = 0), and 4, is the elevation in the strip-
ping section relative to the reboiler (A, =0). For infinitely
large reflux and reboil ratios, corresponding to total reflux
and total reboil in the continuous tower, Eqgs. 18 and 19 re-
duce to

oy (20)
a =89
A @D
an, 2 7%

which have the same form as the residue-curve equations,
Eq. 5.

For this reason, many authors assume that the residue
curves are a good approximation to the operating lines at
total reflux. Rather, as discussed before, the distillation lines
are equivalent to the operating lines at total reflux. It seems
clear that the errors associated with the residue curves in-
crease with the curvature of the operating lines. However, an
analysis to quantify these errors has not been undertaken, to
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Figure 9. Overall mass-balance line with a partial /total
condenser.

our knowledge, and is recommended. Furthermore, although
the fixed points of the maps of distillation lines and residue
curves are identical, in general, the residue curves and distil-
lation lines do not coincide. Yet, many of the strategies for
the synthesis of separation trains, to be presented in the sec-
tion on Separation Train Synthesis and Column Design, pre-
sume that the operating lines for distillation towers cannot
cross the simple-distillation boundaries. As pointed out by
Stichlmair et al. (1989), the appropriate boundaries are the
separatrices on the maps of distillation lines; that is, the dis-
tillation-line boundaries. This raises a concern, which needs to
be resolved, regarding the differences between the simple-
distillation boundaries (associated with the residue curves)
and the distillation-line boundaries. For the most part, par-
ticularly in the vicinity of a fixed point, small differences can
be expected, although, to resolve this, more work on the the-
ory and geometry of distillation lines is recommended.
Feasible Product Compositions at Total Reflux. In the de-
sign of azeotropic distillation towers and the synthesis of dis-
tillation trains, to be discussed in the section on Separation
Train Synthesis and Column Design, it is desirable to bound
the regions in which the compositions of the distillate and
bottoms product reside. For this purpose, the limiting regimes
of operation are examined; that is, total and minimum reflux.
At total reflux, the product compositions reside on a distilla-
tion line, as shown in Figure 9a. Note that, for a partial/total
condenser, the compositions of the bottoms product, xg, the
feed, x, and the distillate (vapor), y,, lie on the linear,
overall material-balance line. A similar operating line at total
reflux (minimum stages) is the curve AFC in Figure 10a. As
the number of stages increases, the operating curve becomes
more convex apptroaching ABC, where the number of stages
approaches infinity (corresponding to minimum reflux). Fur-
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Figure 10. Regions of feasible distiliate and bottoms-
product compositions (shaded) for a ternary
mixture: (a) a system without azeotropes; (b)
a system with two binary azeotropes; (c) a
system with binary and ternary azeotropes
(Stichimair et al., 1989).

thermore, as a consequence of Eq. 15, the distillation line for
a tower that contains an infinite number of stages has at least
one fixed point. Hence, the operating line for a distillation
tower that operates within these limiting regimes lies within
the region ABCFA. Finally, in the limit of a pure nitrogen
distillate, the line AFE represents a limiting overall material
balance, with point E at the minimum concentration of oxy-
gen in the bottoms product. Similarly, in the limit of a pure
oxygen bottoms, the line CFD represents a limiting overall
material balance, with point D at the minimum concentra-
tion of nitrogen in the distillate. Hence, the distillate compo-
sition is confined to the shaded region, ADFA, and the bot-
toms-product composition lies in the shaded region, CEFC.
Operating lines that lie within the region ABCFA connect
the distillate and bottoms-product compositions in these
shaded regions. At best, only one pure species can be ob-
tained. In addition, only those species located at the end
points of the residue curves can be recovered in high purity,
with the exception noted in the subsection on Feasible Prod-
uct Compositions, Hence, the end points of the distillation
lines determine the potential distillate and bottoms products
for a given feed. This also applies to the complex mixtures in
Figure 10b and 10c, it being noted that, under special circum-
stances, the distillation-line boundary can be crossed, as de-
scribed in the subsection on Feasible Product Compositions.
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The feed point determines the potential distillate and bot-
toms-product compositions. For example, in Figure 10b, for
feed F, only pure 2-ethoxy-ethanol can be obtained. When
the feed is moved across the distillation-line boundary, pure
ethylbenzene can be obtained. In Figure 10c, only methanol
can be recovered in high purity, for feeds in region LTGCL.

Since distillation lines are more difficult to construct, and
less well understood, many authors approximate the operat-
ing lines at total reflux using the residue curves. When this is
done, with a partial /total condenser, the composition of the
distillate (vapor), yp, is positioned as shown in Figure 9b
(Fidkowski et al., 1993a).

When the distillation-line boundaries cannot be crossed, it
should be pointed out that the experiments of Naka et al.
(1976, 1983) do not contradict this restriction. Instead, they
confirm experimentally and numerically that the composition
profiles of a continuous azeotropic tower can cross the valleys
and ridges of the boiling temperature surface projected onto
the composition space. Van Dongen and Doherty (1984), Rev
(1992), and Stichlmair (1991) have shown theoretically that,
in general, the valleys and ridges do not start or end at the
pure species or azeotropic points. These lines do not coincide
with the distillation-line boundaries, and hence, the valleys

and ridges can be crossed by the composition profiles.
Heterogeneous Distillation. 1t is often desirable to recover

the entrainer using processes that are less energy intensive
than distillation. This can be accomplished when the en-
trainer forms a heterogeneous azeotrope with one or more of
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Figure 11. Dehydration of ethano!l using toluene as an
entrainer: (a) process flow diagram; (b)
ternary composition diagram (Stichimair et
al., 1989).
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the species in the feed. In heterogeneous azeotropic distilla-
tion towers, the overhead vapor is condensed into two liquid
phases, with the entrainer phase easily decanted. Figure 11
shows the process flowsheet and its triangular diagram for
the dehydration of ethanol using toluene as an entrainer.
Ethanol and water form a low-boiling azeotrope. Although
toluene is the heaviest species, it is an appropriate entrainer,
since it forms minimum-boiling azeotropes with both water
and ethanol. Hence, the arrows point toward both the ethanol
and water vertices, allowing ethanol to be recovered in a
high-purity bottoms product. Since toluene forms a ternary,
minimum-boiling, heterogeneous azeotrope, the overhead va-
por approaches this composition and condenses into two lig-
uid phases, one rich in toluene and the other rich in water,
which are separated in the decanter.

Residue-curve maps have been constructed for heteroge-
neous systems by Matsuyama (1978) and Pham and Doherty
(1990b), who show that Eq. 5 applies to heterogeneous mix-
tures. The liquid mole fractions, x;, are replaced by the over-
all liquid mole fractions, x/, and the equations for the het-
erogeneous residue-curve map are

dx? .
T =x) =y i=1,..., N, (22a)
yi=xlK/HT, Py} i=1,.., N, (22b)
xl=xIKFHT, P, x"y  i=1,., N, (220)
xf=axl+(1—a)x/! i=1,...,N, (22d)
NJ NS
Yoxl-Y xl'=0 (22¢)
i=1 i=1
N,
Z y;i=1 (22f)

and a is the fraction of the first liquid phase in the total
liquid. Equations 22b~22f are solved to determine the com-
positions in vapor-liquid-liquid equilibrium as 7 is advanced
in the integration.

Matsuyama (1978) showed that the residue-curve maps for
homogeneous and heterogeneous systems are similar: that is,
their composition spaces are divided into regions with sim-
ple-distillation boundaries. However, the residue-curve maps
for systems containing heterogeneous azeotropes are far more
restricted. Their azeotropes can only be saddles or unstable
nodes (they cannot be maximum boiling). Further restrictions
are given by Pham and Doherty (1990a,b). In addition, the
compositions of the two liquid phases lie in different distilla-
tion regions. This unique property, which is not a characteris-
tic of homogeneous systems, has been exploited to establish a
methodology for the design and synthesis of heterogeneous
azeotropic towers (Stichlmair et al., 1989; Pham and Do-
herty, 1990c), as illustrated in Figure 11a. The preconcentra-
tor, C-1, removes water as the bottoms product. Its distillate,
at D1, lies very close to the simple-distillation boundary,
K(D2)L. The addition of entrainer, at S2, produces a stream
that crosses this boundary into the region where high-purity
ethanol is obtained as the bottoms product of the azeotropic
tower, C-2. Its overhead vapor, D2, is in the vicinity of the
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ternary azeotrope, and when condensed and subcooled forms
two liquid phases that are decanted easily. The organic phase,
at S2, lies in a different distillation region than the feed to
column C-1, M1. When combined with D1, the feed M2, is
on the other side of the simple-distillation boundary, in the
distillation region M(D2)K(B2)M. The toluene-rich phase, S2,
is recycled to column C-2 and the water-rich phase, S1, is
combined with the fresh feed (F) to column C-1. The distil-
late and bottoms products of both towers and their overall
mass-balance lines are shown in Figure 11b.

Note that most of the articles referred to earlier utilize
residue-curve maps with their simple-distillation boundaries.
Distillation-line maps, with their distillation-line boundaries,
would provide more accurate bounds for the distillation re-
gions, although often the distillation-line and simple-distilla-
tion boundaries do not differ appreciably.

Summary. In summary, the maps of residue curves and
distillation lines are very useful for the preliminary design of
separation sequences involving homogeneous and heteroge-
neous mixtures when minimal data are available. In the next
few sections, the use of the residue curves and distillation
lines for entrainer selection, to identify feasible regions of
product compositions, and in column design and synthesis are
discussed. First, however, two subsections provide additional
background. Methods for computing the azeotropes associ-
ated with nonideal mixtures are covered to simplify the con-
struction of maps of residue curves and distillation lines. Then
the characteristics of azeotropic distillation towers are dis-
cussed, with emphasis on the properties that set them apart
from distillation towers that do not involve azeotropic mix-
tures (so-called zeotropic distillations) and their impacts on
the development of analysis tools, design methodologies and
control strategies.

Computation of azeotropes

To construct maps of residue curves and distillation lines,
all of the azeotropes in the mixture must be known and char-
acterized as stable nodes, unstable nodes, or saddles. Al-
though much binary, ternary, and polyazeotropic data are
available (Horsley, 1973), and additional data are best ob-
tained experimentally, the secarch for all of a mixture’s
azeotropes is often conducted using a phase-equilibrium
model. Of course, the results depend on the ability of the
model to accurately represent the phase-equilibrium data.
Caution is warranted especially for heterogeneous systems,
where it is difficult to find a model that represents both the
vapor—-liquid and liquid—-liquid equilibrium data accurately.
Furthermore, unstable saddle azeotropes are difficult to
identify experimentally. In this section, the use of nonlinear
analysis to locate all of the azeotropes associated with a non-
ideal mixture is described.

Using the principle of corresponding states and an equa-
tion of state, Teja and Rowlinson (1973) computed binary
azeotropes at a constant temperature. Subsequently, Wang
and Whiting (1986) extended their algorithm to apply to mul-
ticomponent systems at constant temperature or pressure.
They note that for a pure species, as well as for mixtures at
azeotropic compositions, the equality of the Gibbs free ener-
gies of the vapor and liquid phases (G" = GL) in phase equi-
librium leads to an expression for the Helmholtz free energy
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of vaporization:

A= AL =pPWE-V"), (23)

where P is the pressure, and V¥ and V'L are the molar vol-
umes of the vapor and liquid phases, respectively (where Eq.
23 is a necessary, but not sufficient, condition for azeotropy),
and furthermore, that at equilibrium, the chemical potentials
of each of the species in the two phases are equal, giving:
In{¢Y/pL}=0 s=1,..., N, (24)
where ¢! and ¢L are the vapor and liquid fugacity coeffi-
cients of species s, respectively, and N, is the number of
species. Rather than solving Eq. 24 subject to the equality of
the vapor and liquid mole fractions at the azeotropic point,
Wang and Whiting solve Egs. 23 and 24 to locate the
azeotropic points. They solve Eq. 23 in an inner loop and Eq.
24 in an outer loop. This method has been tested successfully
for several binary systems involving water and hydrocarbons
and for one ternary system, while avoiding the spurious roots
often encountered using the algorithm of Andersen and
Prausnitz (1980). However, their algorithm does not locate all
of the azeotropic compositions associated with a mixture. Re-
cently, Fidkowski et al. (1993b) developed a homotopy-based
method that efficiently locates all of the azeotropic composi-
tions. Their algorithm is described next.
Beginning with the identity of liquid and vapor mole frac-
tions at an azeotropic point,
fix}=yix}—x,=0 i=1, .., N, -1, (25
Fidkowski et al. (1993b) developed a homotopy-continuation
method to locate all of the azeotropes by finding all of the
roots of this equation. They utilize the homotopy equations:

h{x; 0} = - D gdx; e} +tf{x;1} i=1,...,N—1 (26)

with

, N, —1, (27

5

gdx}=ygea dx)— %, i=1, ...

where y;qc.; 15 the vector of vapor mole fractions in equilib-
rium with the liquid mole fractions, x, for ideal liquid and

vapor phases, where

P

i

Yideal,i = 5 ¥i- (28)

Substituting Eq. 28 into Egs. 27 and Eq. 1 into Egs..25, and
the resulting equations into Egs. 26, gives

hisd=|a-os 2o |2 =1, ..., N, -1
Ax;t}= -ttt i—X;,—X; =y e N T
Ax ¢lV le X 4

subject to the constraint,
Y x;=1. (30)

AIChE Journal



8

80 B

754

N eeeccmceemecmeecas—eee——e————— EB

AC
65 . M

// (A:CE

CE

MB
ACMB

QACM
A

AM
e

Temperature ('C)

55

50— ; -+ T T
0.0 0.2 0.4 0.6 0.8 1.0
Homotopy Parameter - ¢

Figure 12. Cascade bifurcations associated with a mix-
ture of acetone(A)-chloroform(C)-meth-
anol(M)-ethanol(E)-benzene(B) at 1 atm
(Fidkowski et al., 1993b).

Beginning with each pure species, which satisfy Eqs. 29 and
30 when the homotopy parameter, ¢, equals zero, all of the
azeotropes are located as ¢ varies from zero to unity. As
t increases, cascade bifurcations occur. This is illustrated
in Figure 12, for the acetone-chloroform~methanol-
ethanol-benzene mixture at 1 atm (with the Wilson equation
used to represent the liquid phase and an ideal vapor phase),
where a new branch is born at each bifurcation point. For ¢
near zero, N, branches occur, each corresponding to one of
the pure species. As ¢ increases, the pure-species branches
bifurcate to form branches with binary azeotropes. These, in
turn, bifurcate to form branches with ternary azeotropes, and
so on. When ¢ reaches unity, all of the azeotropes are identi-
fied, with their temperatures and compositions determined.

Fidkowski et al. (1993b) also show that the stability of an
azeotrope can be obtained by calculating the eigenvalues of
the Jacobian matrix of the residue-curve map, which is equiv-
alent to the negative of the Jacobian matrix of the homotopy
equations (Egs. 29) evaluated at ¢ = 1. Knowing the eigenval-
ues of the residue-curve map, the topological consistency of
the map is determined using the topological index theory (e.g.,
Zharov and Serafimov, 1975; Doherty, 1990) by examining the
validity of the following relation:

N,
L 2N +S =N =§7) = (=D 1+1,

i=1

3D

where N; and §; are the numbers of nodes and saddles
involving i species, respectively, with topological indices of
+1, while N~ and S are the numbers of nodes and saddles
involving i species, respectively, with topological indices of
—1. The topological indices are determined by counting the
number of negative eigenvalues at each singular point, where
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Table 1. Topological Indices and the Types of Azeotropes for
the Acetone-Chloroform—Methanol-Ethanol-Benzene Mix-
ture at 1 atm

Species/ Boiling
Azeotropes Point, °C Type Index
Acetone (A) 56.07 S -1
Chloroform (C) 61.79 S +1
Methanol (M) 64.54 S -1
Ethanol (E) 78.29 SN +1
Benzene (B) 80.10 SN +1
AC 65.47 S -1
AM 55.34 UN +1
CM 5391 UN +1
CE 59.93 S -1
MB 58.12 S +1
EB 67.83 S -1
ACM 57.58 S +1
ACE 63.89 S +1
ACMB 57.46 S -1
Source: Fidkowski et al., 1993b.

Note: S =saddle, SN = stable node; and UN = unstable node.

singular points with an even or odd number of negative
eigenvalues have topological indices of +1 and —1, respec-
tively. The topological indices and the types of azeotropes for
the acetone—chloroform—methanol-ethanol-benzene mix-
ture at 1 atm are tabulated in Table 1. Note that the summa-
tion in Eq. 31 equals two, the righthand side of Eq. 31 with
N,;=5.

To summarize, in the absence of reliable experimental data,
Fidkowski et al. (1993b) have introduced a homotopy-con-
tinuation method to locate the real-bifurcation points at which
branches of azeotropes are born. Although this methodology
has been demonstrated to be very promising, it remains to
perfect the methods of identifying the real bifurcation points
and for initiating the new branches. Also, thus far, the
methodology has been applied to mixtures in vapor-liquid
equilibrium (VLE) and has not yet been extended to mixtures
in vapor-liquid-liquid equilibrium (VLLE). Furthermore, it
remains to examine how the phase-equilibrium models, their
terms, and interaction coefficients, affect the solution dia-
grams; that is, the number of azeotropes and their composi-
tions. '

Azeotropic towers

Separations of azeotropic mixtures into nearly pure species
are common in the chemical industries. When pressure-swing
distillation is not viable because the azeotropic compositions
are weak functions of pressure, two common alternatives are
azeotropic and extractive distillation. These methods are also
applied for the separation of mixtures that have unfavorable
volatility differences (close-boiling species). In addition, they
are applied in reactive distillation (e.g., esterification).

Heterogeneous azeotropic distillation is often preferred in-
dustrially over homogeneous azeotropic distillation due to the
ease of recovery of the entrainer and the transition across a
distillation boundary in the decanter. However, these towers
can be difficult to operate because upsets can extend the lig-
uid-phase split well into the stripping section (Kovach, 1986;
Kovach and Seider, 1987a), Although this can severely limit
the tray efficiencies (Goodliffe, 1934; Bolles, 1967, Van den
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Meer, 1971; Van den Meer et al., 1971; Davies et al., 1987a,b),
many studies report results to the contrary (Guinot and Clark,
1938; Shoenborn et al., 1941; Ashton et al., 1987; Herron et
al., 1988; Davies et al., 1991). For this reason, it is necessary
to characterize the dispersions that form on the distillation
trays and their impact on the rates of mass transfer and the
tray efficiencies. More research is needed in this area.

Heterogeneous azeotropic towers are often controlled by
measuring the temperature difference between two trays and
manipulating the reflux rates. When two liquid phases extend
into the stripping section, the operators try to maintain the
position of the temperature front associated with the inter-
face between trays having one- and two-liquid phase(s). How-
ever, when this front is entirely within the tower, its move-
ments do not significantly impact the product purities and
recoveries (Widagdo et al,, 1989), and hence, this strategy may
result in unnecessary control actions. These complications
have led several authors to promote the design of homoge-
neous azeotropic distillation towers (Jacobsen et al., 1991,
Andersen et al.,, 1991a,b; Knapp and Doherty, 1992; Laroche
et al,, 1992a,b). Nevertheless, operation with two liquid phases
on some of the trays can be the only viable choice. For exam-
ple, when sec-butyl alcohol (SBA) is dehydrated using disec-
butylether (DSBE), in the SBA-II tower of ARCO (Kovach
and Seider, 1987a,b), low reflux rates can prevent phase split-
ting in the stripping section, but a high purity of SBA in the
bottoms product cannot be obtained because the desired
concentration of DSBE is exceeded.

Unlike in zeotropic towers, there exists a maximum reflux
rate above which the separation deteriorates {Laroche et al.,
1992b). This is because an increase in the reflux rate results
in two competing effects. First, as in zeotropic towers, the
orientation and position of the operating surface relative to
the equilibrium surface is altered, thereby improving the sep-
aration. This is countered by a reduction in the entrainer
concentration, due to dilution by the increased reflux, which
results in a reduction of the relative volatility between the
azeotropic species, and therefore, a poorer separation. Van
Winkle (1967) and Laroche et al. (1992b) show that this is
especially true when a heavy entrainer is used and no addi-
tional azeotrope is formed, as in extractive distillation. Fur-
thermore, at infinite reflux no separation takes place. In the
section on Column Performance, Homogeneous Azeotropic
Distillation, this effect is explained for intermediate- and
low-boiling entrainers, as well as for high-boiling entrainers.

For a heterogencous tower (the SBA-II tower of ARCO),
Widagdo et al. (1989) observe similar behavior. In addition to
minimum and maximum reflux ratios, they show the exist-
ence of a critical reflux ratio above which the formation of
two liquid phases is very sensitive to small changes in the
reflux ratio. In addition to these competing effects, in a het-
erogeneous tower, the concentration front between trays hav-
ing one- and two-liquid phase(s) travels down the tower as
the reflux ratio increases, until it exits from the tower and the
separation deteriorates drastically, as shown in Figure 13,
Note that these effects are discussed more completely in the
section on Column Performance, Heterogeneous Azeotropic
Distillation.

Another peculiar behavior is that an increase in the num-
ber of trays does not necessarily improve the separation. This
is illustrated by Laroche et al. (1992b) for the separation of

106 January 1996 Vol. 42, Ne. 1

0.994

0.992

0.990

SBA Purity

0.988

0.986

LI B LN B L N BB B A

0.98 FITTVIYTTS ITITITTITINTIRIITITE [TTTIIUCTI(YTTIPOTTY JTTVIOTSTI AT INETICTOTTINITY
0.04 006 008 0.10 012 014 0.16 0.18 0.20
Aqueous Reflux Ratio

Figure 13. SBA purity as a function of the aqueous re-
flux ratio (Widagdo et al., 1989).

acetone and heptane using toluene as an entrainer (see Fig-
ure 14).

The multicomponent mixtures in azeotropic distillations
usually contain two or more binary azeotropes. Hence, in sec-
tions of an azeotropic distillation tower, the compositions of
binary azeotropes are often approached, with steep fronts in
temperature and composition often separating these sections.
For example, in Figure 15, for the dehydration of ethanol
with benzene, the steep fronts in the stripping section sepa-
rate the bottoms product from a section in which the compo-
sition of the ethanol-benzene azeotrope is approached near
the feed tray. Robinson and Gilliland (1950) were the first to
compute these composition and temperature profiles, and
others have shown the extreme sensitivity of the composition
and temperature fronts to small changes in the operating
conditions, such as the reflux ratio, boilup rate, product re-
covery and purity, and the feed rate and composition (Mag-
nussen et al., 1979; Prokopakis and Seider, 1983a). In con-
nection with this sensitivity, Prokopakis and Seider (1983a)
demonstrate the difficulty in identifying specifications that
permit steady-state solutions having a single-liquid phase on
all of the trays. Furthermore, Widagdo (1991) shows that as
the temperature decreases, approaching the ternary
azeotropic temperature of the benzene-—ethanol-water mix-
ture, toward the top trays, the envelope of vapor composi-
tions shrinks. Yet another observation is that the models are

0.960

0.955

o

0.950

0.945

Mole Fraction

0.940

el s calea s bygne eyl

T T T Y
T T T T

0.935

| BT N SRR RV RN
5 10 15 20 25
Number of Trays

Figure 14. Effects of the number of trays on the mole
fraction of acetone in the distillate for the
acetone-heptane-toluene system (Laroche
et al., 1992b).
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sufficiently nonlinear to include regions of the parameter
space in which multiple steady states exist (Magnussen et al.,
1979; Prokopakis et al., 1981; Prokopakis and Seider, 1983a).
This sensitivity makes the efforts to simulate and control these
towers more challenging. For simulation, Kovach and Seider
(1987a) had to resort to Newton homotopy-continuation, a
nearly global convergence method.

For hetereogeneous columns having two liquid phases on
several trays, these problems are compounded by the need to
accurately predict the formation of two liquid phases. In ad-
dition, at the interface between trays having one- and two-
liquid phase(s), discontinuities may occur in the dynamic
models. This observation and others associated with dynamic
simulations have been reported only recently (Rovaglio and
Doherty, 1990; Wong et al., 1991; Widagdo et al., 1992). Fur-
thermore, although zeotropic and homogeneous azeotropic
towers are controlled in similar ways, to our knowledge, only
a few control studies have appeared for heterogeneous tow-
ers (Rovaglio et al., 1990a,b; 1992; 1993). These topics are
considered further in the sections on Column Performance
and Column Control.

Entrainer Selection

Although success in azeotropic distillation is largely deter-
mined by the choice of the entrainer, until recently, entrain-
ers were selected using a trial and error procedure with much
reliance on experimental data (Berg, 1969; Tassios, 1972).
More recently, entrainers have been selected on the basis of
their potential for producing feasibie designs. In this section,
simple rules using maps of distillation lines (operating lines
at total reflux), in preference to residue curves (which ap-
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proximate the operating lines at total reflux), are presented
for screening the many possible entrainers. These were intro-
duced by Doherty and Caldarola (1985), Stichlmair et al.
(1989), and Stichlmair and Herguijuela (1992) and are useful
in the early design stages, given specifications for the desired
separations.

Unlike zeotropic distillations, the product compositions of
azeotropic distillations depend on the feed composition and
its position relative to the distillation-line boundaries. As
noted earlier, many authors have used residue-curve maps
with their simple-distillation boundaries. Since the simple-
distillation and distillation-line boundaries are often in close
proximity, their conclusions are often reasonable.

When selecting an entrainer, the principal concern is the
structure of the maps of residue curves and distillation lines
that are associated with the mixtures involving it. To facili-
tate the screening of potential entrainers, Matsuyama and
Nishimura (1977) enumerate 113 different residue-curve maps
that satisfy constraints imposed by index theory (Chap. 5 of
Courant and Robbins, 1978; also, see the section on Compu-
tation of Azeotropes in the present article). Of these, eighty-
seven residue-curve maps contain at least one minimum-boil-
ing binary azeotrope (e.g., see figures 12 to 21, Doherty and
Caldarola, 1985). Matsuyama and Nishimura classify the
residue-curve maps for ternary mixtures by placing the light-
est species (L) at the top vertex, the intermediate species (1)
at the bottom-right vertex, and the heaviest species (H) at
the bottom-left vertex, and assign three digits to identify the
binary azeotrope on the L—1I, I-H, and H- L edges, using
the following convention: 0—no azeotrope; 1—binary mini-
mum-boiling azeotrope (unstable node); 2—binary
minimum-boiling azeotrope (saddle); 3—binary maximum-
boiling azeotrope (stable node); and 4—binary maximum-
boiling azeotrope (saddle). A single letter, after the three dig-
its, represents the type of ternary azeotrope: m—minimum-
boiling ternary azeotrope (unstable node); M —maximum-
boiling ternary azeotrope (stable node); and S—inter-
mediate-boiling ternary azeotrope (saddle). Note that the
residue-curve maps in Figures 8 and 11 have been classified
using this convention.

As discussed in the section on Simple-Distillation and Dis-
tillation-Line Boundaries (following Eq. 21), the residue-curve
maps approximate the liquid composition profiles through the
feed point at total reflux. Because the residue curves cannot
cross the distillation boundaries, both Van Dongen and Do-
herty (1985) and Stichlmair et al. (1989) suggest, as a first
approximation, that the compositions of distillation towers
operating at finite reflux cannot cross these boundaries. In
practice, however, small excursions occur, but most operating
lines are confined largely within a distillation region. On this
basis, Doherty and Caldarola (1985), in their procedure for
the synthesis of separation trains, assume that the overall
mass-balance line, which connects the distillate, feed, and
bottoms-product compositions, cannot cross the distillation
boundaries. Based on this assumption, they propose that a
good candidate for an entrainer is a compound that does not
produce a distillation boundary between the species to be
separated. For the hexane—methanol-methylacetate and the
acetone—chloroform~-benzene systems, Van Dongen and Do-
herty (1985) and Levy et al. (1985) observe that when the
distillation boundary is nonlinear (curved), the steady-state
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composition profile in a homogeneous distillation may cross
from the convex side, and hence, the entrainer selection
strategy of Doherty and Caldarola is conservative. More re-
cently, Foucher et al. (1991) also used this assumption in a
new methodology to automatically screen entrainers for the
separation of azeotropic mixtures in homogeneous towers.

Stichlmair et al. (1989) proposed another strategy for en-
trainer selection, based on the concept that a homogeneous
azeotropic mixture can be separated into nearly pure species
only when a residue curve connects the desired products. To
achieve this, they observe that, for high-boiling binary
azeotropes, the entrainer should also be a high-boiling species
or form a new high-boiling binary/ternary azeotrope. Simi-
larly, for low-boiling, binary azeotropes, the entrainer should
be a low boiler or form a new low-boiling binary/ternary
azeotrope. As has been pointed out by Laroche et al. (1992b),
the satisfaction of these criteria is necessary, but not suffi-
cient, to produce a feasible design.

Laroche et al. (1992b) offer a critical analysis of these two
criteria and discuss their impact on the design and synthesis
of homogeneous azeotropic towers. In recent work, assuming
curved distillation-line boundaries, Stichlmair and Hergui-
juela (1992) present rules for entrainer selection when the
operating lines do and do not cross the distillation-line
boundaries. The application of these rules, which are repro-
duced in Table 2, is discussed in the next section.

Separation Train Synthesis and Column Design

In this section, methodologies for the synthesis and design
of azeotropic distillations are discussed. Because the selec-
tion of the entrainer has a significant impact on the synthesis
of the azeotropic distillation tower and the distillation train
in which it resides, most synthesis strategies initially consider
the entrainer, as described earlier. After the entrainer is se-
lected, attention is directed to the sequence of the distillation
towers, and then to the number of stages and reflux require-
ments for the individual towers. These are the subjects of the
subsections that follow.

Feasible product compositions

When considering sequences of distillation towers, it is im-
portant to determine, for each potential tower, the feasible
ranges of distillate and bottoms-product compositions. Tradi-
tionally, a sequence of columns has been proposed, with
specifications for the number of equilibrium stages and the
reflux ratio, and the ranges of the distillate and bottoms
products have been studied by simulation. In recent years,
several investigators (Stichlmair et al., 1989; Stichlmair, 1991;
Stichlmair and Herguijuela, 1992; Fidkowski et al., 1993a;
Wahnschafft et al., 1992a, 1993; Wahnschafft and Wester-
berg, 1993) have developed methods for determining the
ranges of the distillate and bottoms-product compositions,
given the feed composition. These techniques have resulted
in much improved strategies for the synthesis of separation
sequences. In the remainder of this subsection, these meth-
ods are described for operation at total-reflux and extended
to normal operation at finite-reflux ratios.

Total-Reflux Bounding. The overall and species mass bal-
ances dictate that the feed, distillate, and bottoms-product
compositions lie on a straight line, the so-called mass-balance
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Table 2. Rules for Entrainer Selection

Mixtures with a minimum-boiling azeotrope:

e Low boiler (lower than the original azeotrope).

e Medium boiler that forms a minimum-boiling azeotrope with
the low boiling species.

® High boiler that forms minimum-boiling azeotropes with both
species. At least one of the new minimum-boiling azeotropes
has a lower boiling temperature than the original azeotrope.

Mixtures with a maximum-boiling azeotrope:

e Low boiler (higher than the original azeotrope).

® Medium boiler that forms a minimum-boiling azeotrope with
the high boiling species.

e High boiler that forms maximum-boiling azeotropes with both
species. At least one of the new maximum-boiling azeotropes
has a higher boiling temperature than the original azeotrope.

Source: Stichimair and Herguijuela (1992).

line, with the distillate and bottoms-product compositions at
the end points. Stichlmair and Herguijuela (1992) propose a
method that bounds the compositions at total reflux, where
the operating lines are the distillation lines. Note that the
distillate and bottoms-product compositions lie on the same
distillation line with the feed on a chord connecting these
compositions, as illustrated for a ternary zeotropic mixture,
in Figure 16a. To set the boundaries of the distillate and bot-
toms products, the distillation line through the feed composi-
tion (F in Figure 16b) is positioned. All compositions within
the region bounded by the distillation line and the HL-axis
are discarded. A mass-balance line is drawn through vertex
L, pure distillate, and extended through F to B. A second
mass-balance line is drawn through vertex H, pure bottoms
product, and extends through F to D. These extrerne mass-
balance lines provide the remaining bounds for the distillate
and bottoms-product compositions, as illustrated in Figure
16b, where the feasible compositions are displayed in the
shaded regions, LFDL and HFBH, respectively.

(a)

Figure 16. Potential distillate and bottoms-product
compositions in a ternary zeotropic mixture.
The curves are distillation lines at total reflux.
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Figure 17. Potential distilate and bottoms-product
compositions in a ternary system with a min-
imum-boiling H-I azeotrope and a linear,
distiliation boundary.

The curves are distillation lines at total reflux.

Note that, as discussed in the section on Residue Curves
and Distillation Lines, the distillation lines are the operating
lines at total reflux, while the residue curves are approxima-
tions. For this reason, distillation-line maps are presented in
this section, although several authors utilize residue-curve
maps.

Having selected the entrainer, the regions of distillate and
bottoms-product compositions are positioned. Consider a sys-
tem with an azeotrope between the heavy and intermediate
species (H and I), as illustrated in Figure 17. Using a low-
boiling entrainer, L, two regions are separated by a linear
distillation boundary that connects the azeotrope, K, and the
low-boiling species, L. Figure 17a shows two feeds, F; and
F,, located in the two distillation regions (HKLH and IKLI).
Note that each mass-balance line is confined to the distilla-
tion region in which the feed is located. Figure 17b shows the
regions of potential distillate and bottoms-product composi-
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Figure 18. Potential distillate and bottoms-product
compositions in a ternary system with a min-
imum H-L azeotrope.

The curves are distillation lines at total reflux.

tions for both feeds at total reflux. In region HKLH, a col-
umn can be constructed to collect H, as the bottoms product,
or L, as the distillate. Similarly, for feeds in region IKLI,
species L and I concentrate in the distillate and the bottoms
product, respectively.

There are two situations that are noteworthy, as discussed
in the paragraphs that follow. First, when the pure species
are not at the end points of the distillation lines, they can be
collected as products. Second, under certain circumstances,
the distillate or bottoms products can lie in distillation re-
gions other than that in which the feed resides.

The separation of a ternary mixture is illustrated in Figure
18a. This system does not have a distillation boundary and all
of the distillation lines emanate from the minimum-boiling
azeotrope, K, and end at H. One of the distillation lines
traces the perimeter of the composition diagram along the
KLIH edges. For the feed, F, an overall mass-balance line
can be drawn through the pure L vertex. Although species L
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Figure 19. Feasible and infeasible crossings of a curved
distillation-line boundary.
The curves are distillation lines at total reflux.

is not the end point of the distillation line KLIH, pure L can
be recovered in the distillate from this ternary mixture, and
the region of potential distillate and bottoms products is il-
lustrated in Figure 18b. Note that pure species / cannot be
recovered for this feed composition.

To illustrate the crossing of a distillation boundary, Figure
19 shows a ternary mixture with a minimum-boiling H-1
azeotrope at K. There are two distillation regions, HLKH
and IKLI, which are convex and concave, respectively. Con-
sider a feed, F|, in the convex region HLKH located close to
the distillation boundary. Figure 19 shows distillation lines a
and b in the regions HLKH and IKLI, respectively. An over-
all mass-balance line can be drawn through F;, which not
only forms a chord to the distillation line a (B;D,) in the
convex region but also to the distillation line b (B;D,) on the
other side of the distillation boundary. The feed F; can have
a distillate D, and a bottoms product B;, with both located
in the distillation region in which F; resides. It can also pro-
duce a distillate D,, with either B, or Bj as its bottoms prod-
uct, located on the other side of the distillation boundary (on
curve b). In this special situation, the three compositions do
not lie within the same distillation region as F,, and hence,
the distillation boundary can be crossed. The overall mass-
balance line through a feed, F,, located in the concave re-
gion IKLI, also forms two chords to the distillation line a
(BD) and to the distillation line b (B,D,). Note that the dis-
tillate, D, and the bottoms product, B, which are located on
distillation line a, do not bracket the feed, F,. Thus, the dis-
tillation boundary forms a barrier in this case. In general,
because the feed composition must be bracketed by the distil-
late and bottoms-product compositions, a distillation bound-
ary can be crossed only from the convex to the concave side.
It follows that linear, distillation boundaries cannot be
crossed.

The region of product compositions for feed F; is illus-
trated in Figure 20. Note that the potential product composi-
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Figure 20. Potential distillate and bottoms-product
compositions in a ternary system with a min-
imum-boiling H-/ azeotrope and a curved
distillation boundary.

The curves are distillation lines at total reflux.

tions lie in both distillation regions. The region of feasible
compositions on the feed side is bounded by the distillation
line p that passes through the feed, the distillation boundary
(curve ¢), and the two overall mass-balance lines through pure
species H and L. The bottoms products lie in the shaded
portion of the F;RKHF, region, and the distillates lie in the
shaded portion of the F,PLF, region. On the other side of
the distillation boundary, the region of feasible bottoms-
product compositions is bounded by the distillation boundary
(curve ¢g) and the overall mass-balance line that passes
throungh pure species L (line LF,M); that is, the lightly
shaded region RMKR. The region of distillate compositions
is also bounded by the distillation boundary (curve ¢). In ad-
dition, it is bounded by the end points of the chords (B;D,)
that are tangent to the distillation lines at the tangent points
(K, By, ..., B, ..., I) forming the dashed curve in Figure
20. Because the distillate and bottoms-product composition
must lie on the same distillation line, for the feed composi-
tion at F|, the distillate compositions must lie to the left of
the overall mass-balance lines through the tangent points at
B; (D,F,B)). It follows that, for the feed at F,, the regions of
feasible distillate and bottoms-product compositions, are the
shaded portions of the union of F,PLF, and LD, -+ D,L
regions, and the FyMHF) regions, respectively.

Finite-Reflux Bounding. For binary mixtures, the highest
purities are achieved at total reflux, while for multicompo-
nent azeotropic mixtures, Van Dongen and Doherty (1985)
and Laroche et al. (1992b) show that the best separation may
not be achieved at total reflux. Consequently, care must be
taken to determine whether the bounds on the distillate and
bottoms-product compositions at total reflux are proper at
finite reflux.

Recently, Wahnschafft et al. (1992a) and Fidkowski et al.
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(1993a) proposed methodologies to better estimate the re-
gions of feasible product compositions at finite reflux. Fid-
kowski et al. (1993a) introduce the distillation limit, which
further limits the regions of feasible product compositions
(otherwise bounded by the overall mass balance lines and the
distillation line through the feed composition), and Wahn-
schafft et al. (1992a) use the feed pinch-point trajectory, to be
defined below. In the subsequent discussion, the two ap-
proaches are described and contrasted.

Pinch-Point Trajectory. In examining the liquid compo-
sition profiles in the rectifying section of a single-feed distil-
lation column, where the operating line is given by

L, D

it ——— 2
L, +D™ "7 _ D2 2

In=

Wahnschafft et al. (1992a) observe that the magnitude of the
distillate, D (and, in turn, the reflux ratio), determines the
difference between the compositions of the incoming vapor,
Y., and the outgoing liquid, x,,_,.

" At finite reflux, the rectifying profile cannot be approxi-
mated by the residue curve through the distillate composi-
tion, x,, but crosses the residue curves from the concave side.
This is contrary to the assumption that the rectifying profile
coincides with the residue curve through x, that appears,
from time to time, in the articles referred to earlier. As shown
in Figure 21, the tie line connecting the distillate composi-
tion, y,, and the liquid composition, x,, at equilibrium, is
tangent to the residue curve p,. Furthermore, Eq. 32 re-
quires that the vapor composition leaving tray 1, y,, lies on
this dotted tie line, with the magnitude of the distillate, D,
determining the position of y, with respect to y,. At total
reflux, y,;=xp, and the liquid composition, x,, in equilib-
rium with y,, lies on the distillation line, &,, that passes
through x,,. At finite reflux, the liquid composition, x,, is
located on the curve connecting a, and b,, the liquid mole
fractions at equilibrium with x, and y,. Similarly, the vapor

Figure 21. Liquid and vapor composition profiles in the
rectifying section.

H
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Figure 22. Distillate pinch-point curve.

composition leaving tray 2, y,, lies on the dotted operating
line connecting x, and y,,, and the liquid composition, x,, at
equilibrium with y,, lies on p, bounded by a, and b,. (Note
that when y, = x;, x, is at a,, and when y, =y, x, is at
b,.) Thus, the rectifying column profiles are bounded by the
locus of the so-called distillate pinch points (by, by, b,, ...) and
the curve connecting x,,4a,x,,4,, X, .... The latter corre-
sponds to the limit of operation at total reflux. Note that
Wahnschafft et al. (1992a) mistakenly use the residue curve
that passes through x,, p;, as a bound instead of x,, 4;, x,,
a,, X, .... Figure 21 shows that as x, approach the pinch
points b,, the operating lines connecting x, and y, ap-
proach the tie lines connecting b, and yj,. Note that when
x;=b, and x, = b,, the dotted operating lines and the dashed
tie lines are colinear. In this circumstance, x,_, and y, ap-
proach equilibrium and the driving force for the separation
becomes infinitesimal. This is equivalent to operation with an
infinite number of stages, at a minimum reflux ratio, and
hence, the points, b, ..., b,, are referred to as distillate
pinch-points. These are plotted on the so-called distillate
pinch-point curve (dashed) in Figure 22, which is constructed
by positioning the tangents to the residue curves that pass
through the distillate composition, x,. Pinch-point curves for
the bottoms-product and feed compositions are constructed
similarly, as shown dashed, for the feed composition, in Fig-
ure 20. For systems with distillation boundaries, there are
distinct pinch-point curves for each distillation region, as il-
tustrated in Figure 23.

Distillation Limit and Transition Line. A similar ap-
proach has been proposed by Fidkowski et al. (1993a), which
also applies for single-feed distillation towers, with emphasis
on the separation of ternary mixtures. Initially, the stripping
and rectifying profiles are examined for the direct and indi-
rect splits, as shown in Figure 24 for the ternary system
L-I-H. For the direct split (L—1IH), the stripping profile
meets the rectifying profile at £°, and hence, there are an
infinite number of stages in the stripping section. For the
indirect split (LI- H), the rectifying profile meets the strip-
ping profile at £’, and the rectifying section has an infinite
number of stages. Levy and Doherty (1986) show that there is
a unique transition between the direct and indirect splits. This
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Figure 23. Feed pinch-point curves for mixtures with
distillation boundaries.

is referred to as the mransition split (LI-IH), with the transi-
tion line shown in Figure 25. Here, an infinite number of
stages exists in both sections and the pinch points (stable
nodes) of both profiles coincide at the feed stage:

==z (33)

Both tie lines coalesce with the overall mass-balance line
joining xp, zp, and xp:

(34)

Equation 34 implies that the transition line joins the tie line
of the feed pinch-point compositions, £’ and §. Note that
Eq. 34 is identical to the equation of the tangent that defines
the feed pinch-points, as utilized by Wahnschafft et al.
(1992a). Levy and Doherty refer to the locus of the feed
pinch-points as the distillation limit.

Product Composition Bounds. As in the analysis at total
reflux, the overall mass-balance lines through the vertices and
the azeotropes bound the regions of feasible product compo-
sitions.

For a single-feed tower, the other bounds are located by
finding the product compositions associated with the limiting
cases when (1) the distillate composition equals the feed
composition (stripping tower), and (2) the bottoms-product
composition equals the feed composition (rectifying tower).
The former implies that the bottoms-product composition is
bounded by the liquid-feed pinch-point curve. While the lat-
ter requires that the distillate composition is bounded by the
vapor-feed pinch-point curve, passing through the composi-
tion of the vapor at equilibrium with the feed composition,
yr- These bounds give the regions of feasible product compo-
‘sitions proposed by Fidkowski et al. (1993a), as illustrated in
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Figure 24. Column profiles for direct and indirect splits:
(a) direct; (b) indirect.

Figure 26a. The bounding procedure of Wahnschafft et al.
(1992a), shown in Figure 26b, which does not utilize the va-
por-feed pinch-point curve, does not properly bound the dis-
tillate compositions. As illustrated in Figure 27, Fidkowski et
al. (1993a) further divide the feasible product compositions
into separate regions for direct and indirect splits; D, and
Bp, D, and B, respectively.
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STRIPPING
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TRANSITION
LINE

Figure 25. Transition split.
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Figure 26. Regions of feasible product compositions for
ideal mixtures: (a) Fidkowski et al. (1993a);
Wahnschaft et al. (1992a).

Summary. Fidkowski et al. (1993a) provide the proper
bounds for the product compositions at finite reflux. For the
limit at total reflux, the distillation-line map should be used
instead of the residue-curve map. When the distillation
boundaries are curved and the feed is located on the convex
side, the feasible product compositions may extend into the
adjacent distillation region. In future work, extensions to
multicomponent mixtures in multifeed towers can be ex-
pected.

Separation train synthesis

Most of the sequencing algorithms for distillation columns,
in general, have focused on homogeneous, multicomponent,
ideal mixtures to be separated into nearly pure products
(Thompson and King, 1972; Hendry and Hughes, 1972;
Rathore and Powers, 1974a,b; Westerberg and Steph-
anopoulos, 1975; Rodrigo and Seader, 1975; Tedder and
Rudd, 1978a,b,c; Tedder, 1980; Eliceche and Sargent, 1981;
Nishida et al., 1981; Lu and Motard, 1982; Nadgir and Liu,
1983; Andrecovich and Westerberg, 1985a,b; Malone et al.,
1985). With ideal mixtures, there are no special difficulties in
selecting the species that concentrate in the distillate and
bottoms products. Nevertheless, these efforts have helped to
resolve many conflicting heuristics that have been in common
usage.

Unfortunately, ideal separations are rarely encountered in
practice. Motivated by the desire to establish a nonheuristic
procedure for the sequencing of columns involving nonideal
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Figure 27. Feasible product compositions for an ideal
mixture.

mixtures, Doherty and coworkers used residue-curve maps,
first for homogeneous columns (Doherty and Caldarola,
1985), and later for heterogeneous azeotropic cotlumns (Pham
and Doherty, 1990c). As noted earlier, to establish the bounds
between the distillation regions, distillation-line maps should
be used rather than residue-curve maps, although often the
distillation-line and simple-distillation boundaries do not dif-
fer appreciably. The basic difference between the design of
sequences for ideal and nonideal mixtures is that the product
distribution for the latter depends upon the distillation re-
gion in which the feed composition lies. Furthermore, as the
number of species increases, the product compositions be-
come more difficult to predict. However, when the maps of
residue curves and distillation lines can be used, the feasible
regions for the distillate and bottoms-product compositions
are well defined and the strategy for synthesizing the distilla-
tion sequence is simplified considerably. This is illustrated
for the separation of a binary, minimum-boiling azeotropic
mixture (heptane and acetone) using an intermediate-boiling
entrainer (benzene), as shown in Figure 28. For this mixture,
which does not have a distillation boundary, Figure 29 shows
the two distillation sequences that produce nearly pure hep-
tane (A) and acetone (B). Note that the linear material bal-
ance lines, connecting the distillate, feed, and bottoms-prod-
uct compositions, are illustrated for the two sequences in Fig-
ure 28.

Many entrainers, however, introduce new azeotropes and
create one or more distillation boundaries. In constructing a
distillation sequence, Doherty and Caldarola (1985) assume
that the distillation boundaries are linear and neglect the ef-
fects of their curvature. Thus, the column profiles are con-
fined to the region in which the feed composition is located
and the sequencing problem is reduced to finding a way to
cross these boundaries so as to achieve the prescribed prod-
ucts. Two alternatives are (1) to use an entrainer that does
not produce a distillation boundary between the two species
to be separated, and (2) to use an entrainer that induces lig-
uid-phase splitting, as in heterogeneous azeotropic distillation.
For an algorithm to sequence heterogeneous towers, see
Pham and Doherty (1990c). In addition to these two alterna-
tives, simple separations, such as membranes or adsorbers,
can be used to cross a distillation boundary.
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Figure 28. Distillation lines for the heptane-acetone-
benzene system at 1 atm,

To avoid these alternatives, it would appear to be desirable
to introduce a recycle loop as a means of crossing the distilla-
tion boundaries. In this approach, intermediate and /or prod-
uct streams would be recycled. At the mixing point, the com-
position would be adjusted to lie in the desired region. As an
illustration, consider the separation of A and B using an
entrainer that forms a binary azeotrope with species A, as
sketched in the distillation-line map in Figure 30a. The feed
(F) contains mostly 4, more concentrated than the A-B
azeotropic composition. A candidate column sequence is
given in Figure 30b.

In this sequence, the fresh feed s mixed with the A-C
azeotrope to produce a combined feed, F1, to column C1.
Species A is recovered as the bottoms product of C1 and the
distillate, D1, lies close to the distillation boundary, DE. The
distillate, D1, is mixed with the bottoms product, B3, of col-
umn C3 such that the combined mixture, F2, which is the
feed to column C2, is located in the second distillation re-

D1 B B

Figure 29. Alternate sequences for the separation of the
heptane(A)-acetone(B)-benzene(C) system.
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Figure 30. Distillation sequence for the separation of a
binary azeotropic mixture with recycle.

gion, BCEDB. This accomplishes the task of crossing the dis-
tillation boundary. The second column, C2, is designed to
produce pure B. The distillate, D2, is fed to the last column,
which produces distillate, D3, and bottoms product, B3,
which are both recycled to the first and second column, re-
spectively. This configuration would produce pure A4 and B.
However, Doherty and Caldarola (1985) show that this se-
quence is infeasible. They reason as follows—when a mass
balance is prepared over columns C2 and C3 (see the dashed
envelope in Figure 30), the compositions for the feed, D1,
and products, B and D3, must lic on a straight line. Since
the nearly pure bottoms product B is in the second distilla-
tion region, D1 cannot lie in the first distillation region. Stated
differently, the sequence is infeasible since colinearity cannot
be achieved with D1 in the fitst -distillation region. In gen-
eral, for systems with linear distillation boundaries, Doherty
and Caldarola (1985) conclude that recycle loops cannot be
used to cross these boundaries.

Two more recent synthesis strategies have been proposed.
In the first, which is implemented in a program called SPLIT,
for each stream to be separated, the separation method is
chosen before the feasible product compositions are consid-
ered and the operating conditions are selected (Wahnschafft
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et al.,, 1991; Wahnschafft et al., 1992b; Wahnschafft ¢t al.,
1993). This approach is capable of introducing recycles. In
the second, implemented in the MAYFLOWER system
(Malone and Doherty, 1994), given the design specifications
(pressure levels, product purities), residue-curve maps are
constructed and feasible alternatives are created. Then, the
internal flow rates and the number of theoretical stages are
estimated (using the methods to be discussed in the next sub-
section), and cost estimates are computed. This approach is
applied to synthesize a flowsheet for the dehydration of
ethanol with diethoxymethane, which involves the addition of
water (and a decanter) to cross the distillation boundary, and
to synthesize flowsheets involving reactive distillation and lig-
uid-liquid extraction.

Finally, in another recent paper, Siirola (1994) shows how
to apply many of the techniques introduced 20 years earlier
(Siirola, 1970; Siirola and Rudd, 1971) to synthesize proc-
esses for the manufacture of methyl! acetate and the dehydra-
tion of acetic acid. For the first process, these steps lead to a
flowsheet with a reactor, an extractor, a decanter, and eight
distillation columns, involving two mass-separating agents.
The flowsheet is modified using evolutionary strategies to
eliminate four of the columns, before resynthesis into just
two columns, one for reactive distillation and the other with-
out reaction. At each stage in the synthesis, the residue curves
and distillation boundaries are considered, the reflux rates
and numbers of stages are estimated, steady-state simulations
are performed, and opportunities are sought to reduce the
differences between the intermediate streams and the de-
sired products (using means-end analysis).

Column design

Having selected a potential column sequence, for each dis-
tillation column, the number of stages and the operating con-
ditions are determined. Thus far, most of the design proce-
dures for azeotropic columns have been developed for the
separation of binary mixtures, with extensions to multicom-
ponent systems through the use of the pseudobinary concept.
In recent work, Doherty and coworkers have applied geomet-
ric theory, which is based upon topological concepts, as dis-
cussed by Lefschetz (1962) and Arnold (1973).

Before presenting the application of geometric theory, the
work of Levy et al. (1985) is reviewed. These authors intro-
duced a boundary-value design procedure (BVDP) to deter-
mine the minimum reflux ratio, given N, of the distillate and
bottoms mole fractions, x, and xg, for ternary azeotropic
mixtures with negligible heat effects, where N; is the number
of chemical species. Assuming constant molal overflow,
species mass balances are written for stages in the rectifying
and stripping sections:

Rectifying Section:

ro, 1

_yrm+l=m¢_¥_m+m.160 m=0,1,...,M (353)

X0=1%p (36b)
where the rectifying and stripping sections contain M and N
stages, r and s are the reflux ratios in these sections, y,, is
the vector of vapor mole fractions in the rectifying section on
stage m, and x), is the vector of liquid mole fractions in the
stripping section on stage #. These difference equations de-
fine the operating lines. At the feed stage, additional equa-
tions apply:
Overall Material Balance:

Xri— X8 XFpi T Xp

= i=2,...,N-1 (37)
XFp1 ™ X1 Xr1 7~ Xppi
Querall Energy Balance:
Xg,— X
s=(r+q)—2—"Eli g1 (38)
Xr1~Xpj
Feed Stage Continuity:
Xy =Xy (39)

where x is a vector of feed mole fractions and ¢ is the feed
quality.

To determine the minimum reflux ratio, the difference
equations (Egs. 35 and 36) are expressed as ODEs in the

a8 Ar AS

continuous variables: £/, £, §', 7".

av” r 1
_‘1—7=r+12’+r+1¥0_23’=0 (40)
& s s

s Tt r0 “D

where h is the elevation in the tower. When d#'/dh = di’/dh
=0, Egs. 40 and 41 apply to locate the two fixed (pinch)
points (for a ternary system). First, Eq. 37 is solved for the
unknown x, and xg. Then, r is assumed, Eq. 38 is solved for
s, and Egs. 40 and 41 are solved for the fixed points: £, £’
When £ =%, r and s are minimized, corresponding to N,
M — oo, This analysis has been extended by Knight and Do-
herty (1986) to include heat effects.

Furthermore, Julka and Doherty (1990) extended this
methodology to apply for multicomponent systems (N, > 4).
For a quaternary system, four fixed points (£], £5, £5, £7)
are computed, all of which lie in the same plane, as illus-
trated in Figure 31. The curve between xz and £ is the op-
erating line in the stripping section. Vectors can be defined
between xp and the four fixed points:

Xy =1xp (35b) dy=15— xp
Stripping Section: dy=%5— %
s 1 dy=%—xf (42)
X =——Y +—Xp n=0,1,..., N, (362)
s+1< s+l These authors show that at minimum reflux these vectors lie
AIChE Journal January 1996 Vol. 42, No. 1 115
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Figure 31. Isometric view of the fixed (pinch) points and
operating lines for a guaternary distillation
tower (Julka and Doherty, 1990).

in the same plane (shaded in Figure 31):

detld;,d;,d;]1=0 i,j,kell,2,3,4} (43)
and the volume spanned by d;, d;, and d, is zero. Thus, at
the minimum reflux ratio, the fixed points satisfy the zero-
volume formula, and Eq. 43 replaces Eq. 39. In this manner,
geometric theory is applied to determine the minimum reflux
ratio. In addition, it is shown that this generalizes the Under-
wood equation to apply for multicomponent systems. To be
reliable this method requires that all of the fixed points be
located. Julka and Doherty (1993) present a continuation
strategy, using the AUTO program (Doedel, 1986) for this
purpose. Their design methodology has been further refined
by Fidkowski et al. (1991).

The zero-volume formulas, although mathematically com-
pact, are difficult to implement. In addition, they provide an
exact solution only when the relative volatilities of the species
are constant throughout the column, which is not the case for
azeotropic towers. Nonetheless, industrial practitioners
(Martin and Reynolds, 1988; Partin, 1993) have found this
methodology to be very useful and practical for preliminary
designs. In recognition of these limitations, Koehler et al.
(1991) have developed a method for the calculation of the
minimum reflux that uses the reversible distillation concept
and eliminates the assumptions of constant relative volatili-
ties and constant molar overflow. These authors show that
their method gives comparable results to those obtained us-
ing the RADFRAC program (for solution of the material bal-
ance, equilibrium, summation of mole fractions, and heat
balance (MESH) equations in ASPEN PLUS), and yet con-
sumes significantly less computation time. More recently,
Stichlmair et al. (1993) developed an alternative method,
based on the pinch-point geometry, to estimate minimum re-
flux and reboiler ratios. These authors claim that their method
is faster and more reliable than the zero-volume method of
Julka and Doherty (1990) and the reversible method of
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Koehler et al. (1991). Although applied to ternary mixtures,
the authors contend that their method can easily be extended
to multicomponent mixtures.

Column Performance

Much of the literature on azeotropic distillation has been
devoted to the analysis of operations. The early articles, which
focused on steady-state operation, were reviewed by Haas
(1992) in chap. 4 of Distillation Design by Kister (1992). Re-
cently, the literature has concentrated on nonlinear effects,
such as the occurrence of multiple steady states, and the
analysis of heterogeneous azeotropic towers, with emphasis
on the prediction of liquid-phase splitting. The most recent
articles extend the analysis to the dynamics of heterogeneous
columns (Rovaglio and Doherty, 1990; Wong et al., 1991;
Widagdo et al., 1992). In this section, the nonlinear effects in
homogeneous and heterogeneous towers, both steady state
and transient, are examined.

Homogeneous azeotropic distillation

When operating homogeneous towers, it is important to
consider both the maximum separation and the potential for
steady-state multiplicity. These involve complex nonlinear ef-
fects that are addressed below.

Maximum Separation. The nonlinear relationship between
the reflux rate and the extent of separation is illustrated thor-
oughly by Laroche et al. (1992b) for heavy, intermediate, and
light entrainers that do not form new azeotropes with the
species to be separated. Their work is best understood by
examining the topology of the maps of distillation lines of the
mixtures considered.

Heavy Entrainer. Consider the separation of the ace-
tone—n-heptane mixture using toluene as the entrainer. Note
that acetone and n-heptane form a minimum-boiling
azeotrope and that toluene does not introduce azeotropes
with these species. Using CHEMSIM (Andersen et al., 1989),
Laroche et al. (1992b) show that at low reflux rates the sepa-
ration increases as the reflux rate increases, reaches a maxi-
mum, and decreases to the composition of the binary
azeotrope at infinite reflux, as illustrates in Figure 32. This is
typical of extractive distillations that must be operated at
moderate reflux rates to avoid dilution of the heavy entrainer
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Figure 32. Acetone mole fraction in the bottoms prod-
uct as a function of the reflux /feed ratio for

the acetone-n-heptane-toluene system
(Laroche et al., 1992b).
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Figure 33. Map of distillation lines for the acetone-
n-heptane-toluene system.

that hinders the separation at high reflux rates (Van Winkle,
1967). As shown in Figure 33, the distillation lines originate
at the binary azeotrope and terminate at the toluene vertex
in the absence of a distillation boundary. Hence, at infinite
reflux, the bottoms product contains nearly pure toluene and
the distillate approaches the composition of the binary
azeotrope.

Intermediate Entrainer. Laroche et al. (1992b) also con-
sider benzene, an intermediate-boiling entrainer, for the sep-
aration of acetone and n-heptane. As shown in Figure 34, the
mole fraction of heptane in the bottoms product increases as
the reflux /feed ratio increases and reaches a maximum at
total reflux, which corresponds to the behavior of a zeotropic
tower. Here the increased reflux does not dilute the interme-
diate entrainer in the column, and hence, the separation is
improved. Since the map of distillation lines in Figure 35 has
no distillation boundary, as the reflux approaches infinity, the
tower yields a bottoms product that contains nearly pure hep-
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Figure 34. Heptane mole fraction in the bottoms prod-
uct as a function of the refiux /feed ratio for
the acetone-n-heptane-benzene system

(Laroche et al., 1992b).
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Figure 35. Map of distillation lines for the acetone-
n-heptane-benzene system.

tane and a distillate that approaches the binary azeotropic
composition.

Light Entrainer.  Finally, Laroche et al. (1992b) consider
the use of the light entrainer, methanol, to dehydrate ethanol.
Note that the boiling point of methanol is lower than the
temperature of the minimum-boiling azeotrope. As illus-
trated in Figure 36, the separation first improves with the
reflux feed ratio, reaches a maximum, and deteriorates at
high reflux rates. Here, the separation does not deteriorate
entirely at infinite reflux because the distillation boundary
limits the product compositions at total reflux, as illustrated
in Figure 37a. In Figure 37b, the ethanol-water feed, F, to
the first column, C-1, has a composition just below the binary
azeotropic composition. Point M represents the feed compo-
sition after it is mixed with the entrainer, methanol. The bot-
toms product of C-1, B1, contains mostly water and D1 rep-
resents the distillate composition, which lies close to the dis-
tillation boundary. This mixture is fed to the second column
C-2. Since the distillation boundary is curved and the feed,

Water Mole Fraction

0.6l L
10' 10° 10° 10*
Reflux/Feed Ratio
Figure 36. Water mole fraction in the bottoms product
of column C-1 as a function of the reflux/
feed ratio for the ethanol-water-methanol
system (Laroche et al., 1992b).
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Figure 37. Dehydration of ethanol using methanol as an
entrainer: (a) map of distillation lines; (b)
separation sequence (Laroche et al., 1992b).

D1, lies in the concave region, it can cross the distillation
boundary and produces nearly pure methanol, D2, in the dis-
tillate and B2 as the bottoms product.

As the entrainer/feed ratio increases, the feed, M, and the
distillate, D1 move closer to the methanol vertex. Conse-
quently, the water content in the bottoms product, B2, de-
creases. Due to the shape of the distillation line a, the over-
all mass balance line intersects as B2 and B2'. When the
bottoms product of column C-2 corresponds to B2, the in-
creasing entrainer/feed ratio improves the separation. On the
other hand, when the bottoms-product composition of col-
umn C-2 corresponds to B2, the increasing entrainer/feed
ratio produces a poorer separation. This observation is a con-
sequence of the analysis involving the crossing of distillation
boundaries (see the section on Feasible Product Composi-
tions) and is not addressed by Laroche et al. (1992b).

In summary, the steady-state behavior of azeotropic towers
is explained largely through the examination of maps of dis-
tillation lines, which are gaining importance in operations.
Additional research is needed to show their utility in the de-
termination of operating strategies.

Steady-State Multiplicity. Although widely recognized in
chemical reactors, for several decades, the existence of multi-
ple steady-states in distillation towers has been considered
for only fifteen years, principally in connection with
azeotropic distillations. In this subsection, a few brief com-
ments on bifurcation theory are provided, to introduce the
discussion of steady-state multiplicity and to characterize the
singularities observed in the models for azeotropic distilla-
tion towers. Then, theoretical analysis, principally to prove
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the existence of unique, steady-state solutions, and simula-
tion results, to show the existence of multiple steady states,
are reviewed. Emphasis is placed on homogeneous azeotropic
distillations, although many of the nonideal solutions can split
into two liquid phases. For the most part, the results pre-
sented herein pertain to towers that exhibit a single-liquid
phase on the trays, with or without two liquid phases in a
decanter.

Definition of Steady-State Multiplicity. To define steady-
state multiplicity and understand its implications, it helps to
consider bifurcation theory (Kubicek and Marek, 1983; Golu-
bitsky and Schaeffer, 1985; Seydel, 1988), which deals with
the dependence of the attractors (steady-state, periodic,
quasi-periodic, and chaotic) of a system of nonlinear ordinary
differential equations:

dx
—=F{xt;p} x0}=1x, (44)
dt
FR"XRAXRE- R xe W™ reR,
and BE.‘R"

on a parameter p; € p, with new branches of solutions often
introduced when the Jacobian of F is singular. Consider the
dependence of x on a parameter p; in a two-dimensional
diagram, for which a scalar measure of the vector x is re-
quired. An element of x, x;,, the maximum value of x,
Xpax =max{lxql, 1x,1, ...,1x,1}, or the Euclidian vector
norm, 1xfi =(E7, x?)¥2, are common measures. Such a
two-dimensional diagram is often called a branching or solu-
tion diagram. It commonly contains branches of the steady-
state solutions of Eq. 44 that form smooth curves, as shown
in Figure 38. As the parameter p; varies, the number of solu-
tions often changes with the loss or gain of stability. New
branches often emerge, end, or intersect at limit or furning
points, bifurcation points, and Hopf bifurcation points. Figure
38 illustrates these points on a solution diagram. It contains
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Figure 38. Typical solution diagram.

Points 4, B, F, and G are limit points, point C is a real
bifurcation point, and points D and E are Hopf bifurca-
tion points. Steady-state solutions; stable ( ) and un-
stable (——-). Periodic branches (eo®8).
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four turning points (A, B, F, and G), a real bifurcation point
(C), two Hopf bifurcation points (D and E), and an isola.
For parameter values p; < p;, a unique solution exists. As p;
increases between p;, < p; < p;,, three solutions coexist. Be-
tween p;, < p; < p; 3, the solution is unique. At the real bi-
furcation point, two new solutions are born. Then at p, ,, two
additional solutions accompany the isola and are retained un-
til the isola disappears at p, ;. Note the appearance and dis-
appearance of the periodic branch at the Hopf bifurcation
points (D and E).

In short, bifurcation analysis permits the characterization
of the solutions of Eq. 44 as a parameter varies. Turning or
real bifurcation points accompany multiple solutions, and
Hopf bifurcation points are accompanied by periodic oscilla-
tions. In distillation, steady-state multiplicity is the principal
concern. It occurs when, for a given set of parameters, p*,
there exist two or more steady-state solutions of Eq. 44, x*.
Real bifurcation points have been demonstrated but, to our
knowledge, the instances of isolas and Hopf bifurcation points
have not yet been associated with the models of distillation
towers. Furthermore, in dealing with such physical systems,
constraints often apply to assure nonnegative flow rates, to
bound the mole fractions between zero and unity, and, per-
haps less obvious, to satisfy the requirement that the phase
distribution, at equilibrium, be thermodynamically stable.
Therefore, it is important to check that the solutions are
physically meaningful, especially when liquid-phase splitting
is possible. Since physically unrealistic solutions must be dis-
carded, they are disregarded in the discussion that follows.

Kienle and Marquardt (1991) and Gani and J¢rgensen
(1994) characterize two types of multiplicity: (1) output, and
(2) input. Output multiplicity, the most commonly reported,
occurs when multiple solutions exist for a given set of input
variables (number of trays; feed rates, compositions, and lo-
cations; and heat duties). On the other hand, input multiplic-
ity occurs when, for a given set of outputs, multiple values of
the input variables exist. This is also referred to as design
multiplicity. This type of multiplicity is most commonly re-
ported in the literature.

Theoretical Analysis. The earliest analyses to determine
the number and nature of steady-state solutions to multistage
separation models involved binary mixtures under constant
molar overflow [(CMO); Acrivos and Amundson, 1955;
Rosenbrock, 1960, 1962]. More recently, during the past fif-
teen years, several attempts have been made to identify the
conditions under which multiple solutions are not possible.
In one of the first papers, Doherty and Perkins (1982) use
residue-curve maps and linear-stability analysis to show that
binary, homogeneous, multistage distillations have a unique
steady-state solution under CMO. Then, using classic fixed-
point theory, Sridhar and Lucia (1989) relaxed the CMO con-
ditions and proved the uniqueness of solutions for binary dis-
tillations involving homogeneous mixtures at equilibrium, and
at either specified temperature and pressure (T,P) profiles,
or heat duty and pressure ((Q, P) profiles, or reflux ratio, bot-
toms flow rate, and pressure (R, B, P) profiles. Subsequently,
they extended their results to apply for homogeneous multi-
component mixtures (Sridhar and Lucia, 1990), but only for
the (T, P) specification. Their analysis was extended for many
other specifications by Lucia and Li (1992). Most recently,
when examining several specifications, Li (1994) has shown
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that multiple solutions can exist when the (Q,P) profiles are
specified even for ideal mixtures.

It is especially noteworthy that Sridhar and Lucia (1989)
show liquid-phase homogeneity to be a necessary condition
for solution uniqueness in binary and multicomponent, multi-
stage separation processes for the specifications they studied.
Thus far, the conditions under which heterogeneous columns
have unique solutions have not been determined.

Simulation. To our knowledge, Magnussen et al. (1979)
were the first to publish three steady-state profiles for a given
set of specifications. Their simulations involve a tower to de-
hydrate ethanol using benzene as an entrainer. Since then,
multiple steady states have been computed for the dehydra-
tion of several alcohol-water mixtures (Prokopakis et al.,
1981; Kovach and Seider, 1987b; Venkataraman and Lucia,
1988; Kingsley and Lucia, 1988; Widagdo et al., 1989,
Rovaglio and Doherty, 1990; Cairns and Furzer, 1990c;
Laroche et al., 1992b; Bekiaris et al., 1993; Gani and J¢rgen-
sen, 1994). It is noteworthy that multiple steady states have
also been computed for interlinked-distillation columns by
Chavez et al. (1986) and Lin et al. (1987). In fact, multiple
steady states have been computed for distillation towers in-
volving ideal liquid phases and assuming CMO when the lig-
uid reflux and vapor boilup (LV') are specified as mass, rather
than molar, flow rates (Jacobsen and Skogestad, 1991). The
latter effect is due to the nonlinear relationship between the
mass and molar flow rates.

It is of special note that Laroche et al. (1992b) computed
multiple steady states, assuming CMO, in homogeneous dis-
tillation columns that separate ternary, nonideal mixtures op-
erated with large recirculation rates, because this led Bekiaris
et al. (1994a) to investigate steady-state multiplicity in in-
finitely long columns at total reflux (/). The latter authors
show how to identify the ranges of the distillate flow rate, for
a fixed feed rate, in which multiple steady states exist without
repeatedly solving the MESH equations. Instead, they use
residue curves to approximate the limit of operation at total
reflux, as described in the paragraphs that follow. Note that
since the distillation lines are the operating lines at total re-
flux, distillation-line maps replace the residue-curve maps in
this discussion.

For the other limit of infinite stages, it helps to recall that
the operating lines can contain pinch points at the composi-
tions of the azeotropes, the pure species, or the feed, as dis-
cussed in the section on Column Design. Consequently, there
are just three types of distillation lines, as shown by Bekiaris
et al. (1994a), for a ternary mixture with a minimum-boiling
azeotrope between the light (L) and the heavy (H) species
(Class 001). There are four pinch points, three at the pure-
species vertices and one at the minimum-boiling azeotrope,
as shown in Figure 39. Type I distillation lines have the distil-
late positioned at the composition of the minimum-boiling
azeotrope (x,, = x,, in Figure 39a—c), whereas Type 11 distil-
lation lines have the bottoms product positioned at the
heavy-species vertex (x; = x,y, in Figure 39g—i). The remain-
ing distillation lines, of Type III, follow the edges of the dis-
tillation-line map and include the intermediate-species vertex
(I in Figure 38d-391).

To locate the ranges of the distillate flow rate in which
multiple steady states exist, Bekiaris et al. (1994a) sketch the
distillate mole fraction as a function of the distillate flow rate,
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Figure 39. Concentration profiles for infinitely long
columns at total reflux.

The solid curves are distillation lines and the dashed lines
are overall mass-balance lines.

using the distillation-line maps in Figure 39. When the feed
composition is colinear with the azeotrope and species 1, all
of the diagrams in Figure 39 apply, and hence, such a feed
composition is selected. Furthermore, F,, F;, Fy, and F are
the flow rates of L, I, and H, in the feed and the total flow
rate, respectively. The analysis begins with x, =x, and D =
0, B=F and xz= X, as shown in Figure 39a, and x,; =
F; A(F, + Fy) at point a in Figure 40. As xz moves toward 7,
on Al in Figure 39b, D increases to F, + Fy, but x, re-
mains unchanged. This transition is shown as line ab on Fig-
ure 40. Note that at b, D = F; + Fy; and the distillation line
traces along the ALl edges of Figure 39c. As the overall
mass-balance line rotates counterclockwise, x,, leaves x, and
approaches the vertex of species L, while x5 moves along the
IH edge toward the vertex of species H, as shown in Figure
39d. As x,, increases to unity along the curve bc in Figure
40, D decreases from F; + F,; to F;. As x;, continues to-
ward the vertex of species I, along the LI edge, D increases
from F, to F, +F,, and x,; decreases from unity to
F, AF, + F;) along the curve cd in Figure 40. Note that curves
be and cde coincide, but are separated in the drawing to show
that they coexist. At point d, the bottoms product is at the
vertex of species H, as shown in Figure 39g. Next, x, is moved
toward x along DH, with D increasing to F = F; + F; + F;,
as illustrated in Figure 39h, and xp ; decreases to xp ; along
the curve de in Figure 40.

In Figure 40, for F, < D < F, + Fy, three steady-state so-
lutions of Types 1, II, and III are shown. When F, < F;, d is
lower than b, and one solution of Type I and two solutions of
Type II exist, as illustrated in Figure 40a. Alternatively, when
F, > F, for F, < D <F, + F,, similar steady-state solutions
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Figure 40. Mole fractions of the light species in the dis-
tillate as the distillate flow rate varies in an
infinitely long column at total reflux for
ternary mixtures of class 001: (a) F, < F;; (b)
Fy>F,.

are obtained. However, for F;, + F; <D < F, + Fy, steady-
state solutions of Types I, II, and III coexist, as illustrated in
Figure 40b.

To validate these sketches, Bekiaris et al. (1994a) solved
the MESH equations for a 44-tray column to separate ace-
tone and heptane with benzene as the entrainer (Class 001).
Three steady-state solutions were computed for reflux ratios
as low as four when the distillate flow rate was varied. Hence,
they conjecture that multiple solutions persist as the number
of trays and the reflux rate are reduced, but this conjecture
needs to be studied more carefully. It is also noted that they
applied this methodology for ternary mixtures, capable of
splitting into two liquid phases, with distillation boundaries
(Bekiaris et al., 1994b).

For towers involving nonideal solutions, capable of split-
ting into two liquid phases, multiple steady states are difficult
to compute and explain. In one study, Rovaglio et al. (1992)
claim that the source of multiplicity is due to the extreme
sensitivity of the temperature and concentration fronts to
changes in the operating variables, such as the reflux and
boilup rates, as well as convergence criteria that are not suffi-
ciently tight. Gani and Jérgensen (1994) computed as many
as ten solutions for a column to dehydrate ethanol with ben-
zene as an entrainer, but they do not indicate their conver-
gence tolerance and do not provide sufficient evidence that
the solutions are fully converged. Because of this extreme
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sensitivity, in a tower to dehydrate sec-butyl alcohol with disec
butyl ether as the entrainer, Kovach (1986), Kovach and Sei-
der (1987a,b; 1988) and Widagdo et al. (1989) used a very
tight tolerance, 107", on the L,-norm of the residuals of the
MESH equations. Similarly, Lucia et al. (1990) used a toler-
ance of 107°. In summary, to avoid spurious solutions, very
tight convergence tolerances are required.

For homogeneous towers, it is important to check that
multiple solutions are not due to the inadequacy of the phase
stability test. In this regard, Kingsley and Lucia (1988) and
Widagdo et al. (1989, 1992) show that in place of stable
three-phase (VLL) solutions, multiple two-phase (VL) solu-
tions are often computed, each of which is unstable. Further-
more, Cairns and Furzer (1990c) show, for the dehydration of
ethanol with 2,2,4-trimethylpentane, that spurious solutions
are computed when the second liquid phase is not modeled.
In many towers, stability analysis must be performed very
carefully to properly solve the MESH equations.

For mass-transfer models, Kienle and Marquardt (1991)
consider either rectification or stripping sections in multi-
component distillation. Assuming an infinitely long section,
with fixed boundary conditions at both ends, they show an
infinite number of steady-state solutions. Using nonlinear
wave theory (Hwang and Helfferich, 1989a,b; 1990), Helf-
ferich (1993) studied the steady-state multiplicity in a column
with fixed conditions at both ends. It is shown that steady-
state multiplicity depends on the column length, from finite
to infinite, and the mass-transfer rates. Multiplicity, involving
an infinite number of steady states, is demonstrated for fi-
nite-length columns with infinite mass-transfer rates, as well
as for infinitely long columns with infinite or finite mass-
transfer rates, but not for columns of finite length with finite
mass-transfer rates. Furthermore, it is conjectured that multi-
plicity requires rather unusual mass-transfer behavior. When
the approach to a unique steady state is extremely slow, it
could be interpreted mistakenly as a slow transition through
an infinite number of steady-state solutions.

In summary, because the convergence tolerances are often
not sufficiently well documented, the number of solutions to
the models of multistage, multicomponent azeotropic distilla-
tion towers are often difficult to interpret. These need to be
verified, preferably using a Newton-based method, with ade-
quate precision (at least double precision) and sufficiently
tight convergence tolerances. Additional research, combining
experiments, theoretical analysis, and simulation results that
are verified more carefully, can be expected to improve the
design, control, and operation of these towers.

Dynamic Simulation. The rapid increase in computer
power, coupled with the development of stiff integrators and
methods for circumventing the singularities in high-index dif-
ferential /algebraic systems, have stimulated more activity in
the dynamic simulation of azeotropic distillation towers.
These simulations are gaining importance in the startup and
control of continuous towers and in the operation of batch
distillations.

Prokopakis and Seider (1983b) were among the first to
simulate the dynamics of azeotropic distillation towers. They
used the Ballard and Brosilow (1978) formulation of the
MESH equations and carried out the integration using a
semi-implicit Runge-Kutta method. Far more comprehensive
models were developed by Gani et al. (1986a,b), Cameron et
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al. (1986), and Gani and Cameron (1989) to represent the
tray and downcomer hydraulics, flooding, entrainment, and
weeping. The hydraulics effects, especially, are shown to be
crucial in the development of models for the dynamics of
startup and shut-down operations (Ruiz et al., 1988). To ob-
tain steady-state solutions, when the MESH equations are
difficult to solve (e.g., when simulating azeotropic distilla-
tions), Gani and Cameron (1989) integrate the dynamic mod-
els. This approach requires excessive computations, and in
this respect, is similar to the homotopy-continuation methods
(Allgower and Georg, 1980; Wayburn and Seader, 1984; Byrne
and Baird, 1985) discussed previously.

Most of the dynamic models of distillation columns involve
two assumptions: negligible vapor holdup and constant pres-
sure. Choe and Luyben (1987) demonstrate that these as-
sumptions lead to erroneous predictions of the dynamic re-
sponses for towers operated at high pressures (greater than
10 atm) and at low pressures (vacuum towers).

The inclusion of tray hydraulics in a dynamic model allows
the tray pressure to be computed using the following rela-
tions:

U= fAL;, V}, tray geometry} (45)
Pi=P,,,+ AP, (L, V,, tray geometry} (46)

where U; is the holdup on tray j; L; and V; are the liquid and
vapor flow rates leaving tray j; and P; and P, are the pres-
sures on trays j and j + 1, respectively. Recently, Flatby et al.
(1994) proposed a model that incorporates these equations
and a new algorithm to solve the phase equilibria on each
tray, given the volume, composition, and internal energy of
the holdup (i.e., performs a so-called UV-flash calculation).
It is assumed that the liquid and vapor holdups are perfectly
mixed, the two phases are at equilibrium, and heat losses
through the column walls are negligible. In addition, flood-
ing, weeping, and liquid—vapor entrainment are not consid-
ered. In this model, the MESH equations on tray j include:
Material Balances:

d
E(us,j)=Vj—IYs,j‘l+I‘j+1x:,j+1—V}YS,]‘_ijs,j'i'F;'zs,j
s=1,..., N;sj=1,..., N. 47

Energy Balance:

d
= v L v v F
=1, .., N. (48
Vapor/Liquid Equilibria (UV-Flash):

(Ej, V,j, us,j)—) (];7 Pja v, X, X)

s=1,..., N;j=1,..., N. (49)
Tray Hydraulics:
V]-=fV{Pj—P]-+1, UjH,traygeometry} j=1 .., M
(50a)
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Lj=fL{Pj_})j—lv ljj» I/j—la tl'aygeometry} ]=1’ ey Ivt
(50b)

Given the initial conditions for the state variables (species
molar holdups, u;, and the internal energy holdup, E)), Egs.
47 and 48 are integrated across a time step, Af. Then, at
u; {t + At}, E{t + At}, and tray volume, V;, the so-called flash
equations, Egs. 49, are solved for the tray temperature, T},
tray pressure, Pj, vapor fraction, », and the mole fractions in
the liquid and vapor phases, x; and y;, respectively. Finally,
Egs. 50a and b are solved for V; and L;. Although promising,
the sensitivity of V; to P, — P, , causes the algorithm to slow,
or even have difficulty converging, especially for towers that

separate nonideal mixtures.

Heterogeneous azeotropic distillation

Many azeotropic mixtures of industrial importance are sep-
arated using entrainers that form heterogeneous azeotropes
with the species to be separated; for example, in the dehydra-
tion of alcohols, benzene is introduced to dehydrate ethanol,
isopropylether to dehydrate isopropanol, and disec-butyl-
ether (DSBE) to dehydrate sec-butyl-alcohol (SBA). Simi-
larly, mesityl oxide (MSO) is introduced to dehydrate chloro-
form, toluene to dehydrate formic and acetic acids, and many
others. In one study, Cairns and Furzer (1990a) present ex-
perimental concentration and temperature profiles, accom-
panied by theoretical results, for the dehydration of ethanol
with an 11-component alkylate mixture at total reflux. Also,
Herfurth et al. (1987) present experimental temperature pro-
files, at finite reflux, for a column to dehydrate ethanol with
cyclohexane.

Tower Characteristics. The steady-state behavior of het-
erogeneous azeotropic distillations has been studied exten-
sively. Many algorithms to solve the MESH equations, involv-
ing vapor-liquid—liquid equilibria, have been proposed (Block
and Hegner, 1976; Ross and Seider, 1980; Ferraris and Mor-
bidelli, 1981; Kovach and Seider, 1987a,b; Swartz and Stew-
art, 1987; Baden and Michelsen, 1987; Cairns and Furzer,
1990a,b). Most of these algorithms solve the MESH equa-
tions simultaneously using a modified Newton—Raphson
method, with the exception of the algorithms by Kovach and
Seider (1987b) and Swartz and Stewart (1987). The former
use a homotopy-continuation method and the latter use a
collocation method to integrate the MESH equations ex-
pressed in terms of a continuous distance coordinate (see Eqs.
18 and 19). Furthermore, it is noteworthy that most of these
studies involve ternary mixtures with one partially miscible
binary pair, usually ethanol, benzene, and water.

Since most entrainers are partially miscible with at least
one of the species in the mixture, the overhead vapor, when
cooled, condenses into two liquid phases. Normally, the heavy
phase is decanted (withdrawn as product) and the lighter (en-
trainer) phase is returned to the tower as reflux. Often, a
portion of the heavy phase is used to control the operation of
these towers, and consequently, liquid-phase splitting is not
limited to the decanter, but extends into the rectifying and
even the stripping sections (Kovach and Seider, 1987a).

For these reasons, the models for heterogeneous towers
must reliably and efficiently detect liquid-phase splitting. The
tangent-plane distance criterion, formulated by Gibbs
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aqueous

(1873a,b), suggested by Baker et al. (1981), and implemented
by Michelsen (1982a,b, 1984, 1986), is very reliable. However,
for the simulation of heterogeneous towers, only Baden and
Michelsen (1987), Cairns and Furzer (1990b), and Widagdo
et al. (1992) employ this test.

Heterogeneous azeotropic towers have one or more steep
temperature and concentration fronts, especially at the inter-
faces between trays having one and two liquid phase(s), whose
positions are extremely sensitive to the reflux rates (Kovach
and Seider, 1987a,b; Widagdo et al., 1989). Since this ex-
treme sensitivity can lead to convergence problems, espe-
cially with the Newton-based methods, global convergence
methods, such as the homotopy-continuation methods
(Kovach and Seider, 1987b) have been more successful.

Like homogeneous azeotropic towers, heterogeneous tow-
ers exhibit a maximum separation. For a tower to dehydrate
sec-butanol using disec-butyl ether, Widagdo et al. (1989) ob-
served a sharp decrease in the purity of sec-butanol in the
bottoms product as the aqueous reflux ratio exceeds a critical
value, as shown in Figure 13. This occurs when the concen-
tration fronts, at the interface between trays having one and
two liquid phase(s), reach the bottom of the tower. Figure 41
shows the steep fronts at the bottom of the tower, when the
reflux ratio exceeds the critical value.

Dynamic Simulation. For heterogencous towers, several
algorithms have been developed for dynamic simulation
(Rovaglio and Doherty, 1990; Wong et al., 1991; Widagdo et
al., 1992). As the differential-algebraic equations (DAESs) are
integrated, the system index can exceed unity, with the Jaco-
bian matrix of the algebraic equations becoming singular. This
is especially a problem in heterogeneous towers as the inter-
face between trays having one and two liquid phase(s) moves
in response to disturbances. Hence, in the next subsection,
the index is defined and examples are presented to show how
higher-index DAEs arise.

Index of Differential-Algebraic Equations. Most dynamic
models for distillation towers comprised ordinary differential
and nonlinear equations (NLE), involving algebraic and tran-
scendental terms:

x{0} = xo, 2{0} = %, (51a)

(51b)

Fi,x,y;0}=0
Glx,y;03=0  y{0}=yo, y{0} = y,.
The n ODEs are expressed as a function of n state variables,
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x, and the m NLEs involve m variables, y, often referred to
as algebraic variables. Equations 51a are typically the mate-
rial and energy balances and Egs. 51b are often the equa-
tions for phase equilibrium, tray hydraulics, and design speci-
fications. For a system of DAE:s, first derivatives of the state
and algebraic variables are required; these are {0} = y{0}=0
when starting from a steady-state solution. The index of a
system of DAEs is the number of differentiations of Egs. 51,
with respect to time, required to convert the system to ODEs.
When G, is not invertible (singular), the index exceeds unity
and Egs. 51b cannot be solved. Note that the index of a sys-
tem of DAEs can be viewed as a measure of the coupling
between the ODEs and NLEs. The solution of Egs. 51a lies
on the manifold of Egs. 51b (Rheinboldt, 1987), and the
ODEs are often said to be constrained or on a manifold.
When the index exceeds unity, consistent initialization is dif-
ficult to provide and errors in the algebraic variables are dif-
ficult to estimate. These topics, and many others, are covered
by Pantelides et al. (1988), Gear (1988), Bachmann et al.
(1989), Brennan et al. (1989), and Gani and Cameron (1992).

Pantelides et al. (1988) show that the index depends on the
model formulation and the selection of the design specifica-
tions. For example, in a distillation tower, the index is two
when the overhead pressure is specified. It becomes N, +1
when the bottoms pressure is specified, where N, is the num-
ber of stages. Also, since the heat duty is an algebraic vari-
able that appears only in the ODEs (energy balances), a
higher-index system is obtained when the heat duties are not
specified.

Model Formulation. To our knowledge, in all of the
models for the dynamics of heterogeneous towers, phase
equilibria have been assumed, with one recent exception; a
mass-transfer model by Kooijman and Taylor (1995).

Consider first the work of Rovaglio and Doherty (1990) who
studied the dynamics of towers to dehydrate ethanol with
benzene as an entrainer. In their analysis, the pressure pro-
file is computed using an equation to represent the tray hy-
draulics (Eq. 46) and the liquid phases are tested for instabil-
ity, rather than the total holdup on each tray. Their results
focus on the existence of three steady-state attractors. In re-
sponse to a 10% increase in the feed flow rate, a shift from
steady operation, through an intermediate, unstable steady
state, to a third steady state, is shown.

Wong et al. (1991) extend the Ballard and Brosilow (1978)
formulation, used by Prokopakis and Seider (1983b). They
use the overall equilibrium constant, K, introduced by
Niedzwiecki et al. (1980) and employed by Schuil and Bool
(1985), for the simulation of three-phase flash and distillation
units:

K '=a(K) '+0-aXK") ', (52)
where « is the fraction of the first liquid phase in the liquid

holdup on each tray. In terms of K, the material balances
become

d(Mx, ;) _ _ - .

————( (;t )=Lj~1xs,,_1—(Lj+Ks,].V,)xs)j
+(I?s,j+le+l)i:,j+1+F}zs‘j’ (53)
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Figure 42. Effect of phase stability test on the dynamic
response of a cooled VL-separator.

where 1\7[ is the total liquid holdup, L i is the total flow rate
of the two liquid phases leaving tray j, and %, ; is the total
liquid mole fraction of species s on tray j. In their model, the
pressure profile is specified and the Francis weir formula
represents the tray hydraulics. Through the use of overall lig-
uid properties, they easily adapt an algorithm for the simula-
tion of homogeneous towers to simulate heterogeneous tow-
ers. Results are presented that show the dynamic responses
to changes in the feed flow rate and composition, aqueous
reflux ratio, reboiler duty, and entrainer makeup rate for
towers to dehydrate ethanol with benzene. The purity of
ethanol in the bottoms product is controlled by measuring
the temperature on a tray in the stripping section and manip-
ulating the aqueous reflux rate using a proportional-integral
(PI) controller.

In an aiternate approach, Widagdo et al. (1992) develop an
index-one extension of the Naphtali-Sandholm (1971) formu-
lation with a consistent initialization procedure. The
tangent-plane distance criterion (Michelsen, 1982a) is imple-
mented to test the stability of the phase distribution for the
total holdup on each tray. The MESH equations are inte-
grated using the backward-difference formulas (BDFs) (Gear,
1971) implemented in DASSL (Petzold, 1982a,b), an index-1
DAE solver. To permit the identification of the real bifurca-
tion points at phase transitions, DASSL is modified, as dis-
cussed below.

Consider a vapor-liquid separator, subjected to a 50 kcal/h
step decrease in heat duty. Figure 42 shows two responses,
obtained with and without the phase stability test. When the
phase stability test is off, although the MESH equations con-
tain the variables and terms associated with two liquid phases,
a VL branch is computed. However, when the phase stability
test is implemented properly, a second liquid phase is born,
as illustrated using a magnified scale in Figure 43. To track
the proper branch, it is important to accurately test for phase
instability as the integration progresses. In Figure 43, the VL.
phases are stable until point 4 is reached. As the tempera-
ture changes, the second liquid phase forms, with VLL phases
along branch AB. The algorithm correctly locates the
VL-VLL transition point .4 and the initialization algorithm
computes the initial slope of the branch A4B. At point B, the
vapor is depleted, leaving stable LL phases. The phase stabil-
ity algorithm detects this change, and the branch-switching
algorithm locates point B and computes the initial slope of
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Figure 43. Phase changes in a cooled Vi-separator.

the LL branch. The existence of real bifurcation points at
phase transitions, such as A and B, was first observed by
Kingsley and Lucia (1988) when finding the optimal operat-
ing conditions for three-phase distillation towers.-

Widagdo et al. (1992) tested their model and algorithm for
the dehydrations of ethanol using benzene and sec-butyl al-
cohol using disec-butyl ether. The latter system exhibits two
partially miscible binary pairs and a minimum-boiling ternary
azeotrope. Unlike for the ethanol-benzene—water system, the
phase diagram at 363.2 K and 1.17 atm has two VLL regions,
separated by a vapor envelope, as shown in Figure 44. These
conditions are computed for tray 28 of a 33-tray tower. At
the conditions of tray 2 (361.5 K and 1.14 atm), Figure 45
shows that, as the heterogeneous ternary azeotrope is ap-
proached, the vapor envelope becomes negligible, separating
two thin VLL regions. Hence, to locate the second liquid
phase on the top tray, the phase stability test must be imple-
mented very carefully; that is, the transition between VL and
VLL phase distributions must be located accurately to avoid
cycling (instability of the VL phase distribution, introduction
of a second liquid phase, and disappearance of the phase
during integration of the MESH equations).

As an alternate approach, Lucia and Wang (1993) intro-
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Figure 44. Phase diagram of the SBA-DSBE-water sys-
tem at 363.2 K and 1.17 atm.

124 January 1996 Vol. 42, No. 1

o .
Water °'° Y . Y - T \aal ODSB!

.0 0.2 0.4 0.6 0.8 1.
Figure 45. Phase diagram of the SBA-DSBE-water sys-
tem at 361.5 K and 1.14 atm.

duced complex variables when carrying out the integrations
of process models in the vicinity of phase transitions. Al-
though the advantages of their approach are presented for a
flash vessel in the retrograde region, the extension to hetero-
geneous distillations remains to be demonstrated. In princi-
ple, the extension should be routine, although the number of
elements in the Jacobian matrix increases by a factor of 4. It
remains to compare the reliability and efficiency of these two
approaches.

Finally, Widagdo et al. (1992) showed that a 12-tray tower
to dehydrate sec-butanol exhibits a stable focus in response
to a 2% decrease in the reboiler duty. The flow rates, tem-
peratures, and compositions oscillate in their approach to the
steady state, as illustrated in Figure 46. These correspond to
oscillations in the phase distributions on trays 2 to 4, as illus-
trated in Figure 47.

In summary, it is important to accurately compute the phase
distributions when performing dynamic simulations for het-
erogeneous azeotropic distillations. Although much progress
has been made, these algorithms should be tested for the
separation of additional mixtures of industrial importance.
Furthermore, experimental data are sorely needed to verify
the results of the simulations.

Column Control

A rich literature exists on the control of distillation towers.
Two books (Shinskey, 1984; Luyben, 1992) are particularly
noteworthy for the breadth and depth of their coverage. In
addition, two articles are noteworthy for their emphasis on
strategies for the selection of control configurations (Skoges-
tad and Morari, 1987; Skogestad et al., 1990).

As mentioned earlier, azeotropic distillation towers pre-
sent special control challenges due to the sensitive move-
ments of their temperature and concentration fronts in re-
sponse to small disturbances, such as in the feed rate and
composition, reflux rate and boilup rate. These towers are
characterized by multiple regimes of operation and, in some
cases, their models exhibit multiple steady states. Hence, it
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Figure 46. Dynamic response of a 12-tray tower to de-
hydrate sec-butanol to a 2% decrease in the
reboiler duty: (a) mole fraction of SBA in the
bottoms product; (b) flow rate of the organic
phase on tray 2.

can be more difficult to maintain the desired product purities
in response to these kinds of disturbances, many of which are
unmeasured.

In this section, several chapters of books and articles de-
voted to the control of these more complex distillation opera-
tions are reviewed. One of the first, Chap. 10 of Distillation
Control for Productivity and Energy Conservation by Shinskey
(1984), concentrates on the operation of three common con-
figurations for heterogeneous azeotropic distillations and a
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Figure 47. Aqueous phase flow rates on trays 2 to 4 af-
ter a 2% decrease in the reboiler duty; stage
numbers are annotated.
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common configuration for the separation of pressure-sensi-
tive homogeneous azeotropes. Emphasis is placed on the
open-loop relationships, principally the material and energy
balances, between the desired outputs and the manipulated
inputs. A key input is considered to be the ratio of the hydro-
carbon reflux to the water reflux in a dehydration column.

Several articles by Gilles and coworkers were among the
first to concentrate on the preparation of reduced-order
models for the control of extractive distillations. The earliest,
by Gilles et al. (1980), considers the dehydration of iso-
propanol using ethylene glycol. Emphasis is placed on the
ability of a simplified dynamic model to track the movement
of the steep temperature front in response to a step decrease
in the feed rate. The article proposes the installation of addi-
tional thermocouples and an improved PI control algorithm
that adjusts the steam flow rate due to deviations in the posi-
tion of the temperature front from that at the desired set
point. In addition, the deviations of two observed variables
are monitored and utilized in the PI controller when the de-
viations in the position of temperature front are saturated;
that is, when the temperature difference between adjacent
trays become small. Subsequent articles extend this method-
ology for towers in which the alcohol and entrainer are re-
moved in the distillate and bottoms product, respectively, and
water vapor is removed as a sidedraw {Gilles and Retzbach,
1983; Retzbach, 1986). In a more recent article, step-re-
sponse tests are used to linearize the process model, transfer
functions are derived between the temperature outputs and
the manipulated inputs, and various configurations are evalu-
ated for multiple-input, multiple-output (MIMO) control
(Lang and Gilles, 1989). Care is taken to select weighting co-
efficients and controller configurations that are effective even
when the manipulated variables become saturated.

As discussed in the section on Column Performance,
Laroche et al. (1992b) show highly nonlinear behavior in the
region close to the minimum feed rate of the entrainer for
homogeneous azeotropic distillations. In a related article, Ja-
cobsen et al. (1991) show that, in the highly sensitive region,
by concentrating on the high-frequency (initial response) of
the process, it is possible to obtain tight and robust control
with simple, single-loop PI controllers. Furthermore, they ob-
tain controller performances that are comparable to those
achieved for simple, zeotropic distillations. To avoid a reduc-
tion of the entrainer flow rate below the minimum, E_,,, a
feedforward controller is proposed.

For heterogeneous azeotropic distillations, Rovaglio and
coworkers have prepared several articles that study the dy-
namics and control systems. First, as discussed in the section
on Column Performance, Rovaglio and Doherty (1990) pre-
sent a dynamic model and examine its performance for tow-
ers to dehydrate ethanol using benzene. Then, in closely re-
lated articles, Rovaglio et al. (1990a) present a feedforward
control strategy, which is shown to be effective in an experi-
mental tower, and Rovaglio et al. (1990b) describe the dy-
namic models and their implementation in the DYCODIS
program. The latter provides facilities to examine the dy-
namic interactions between contro} loops, the dynamic re-
sponses with large time delays, and the stability of steady-state
solutions, where multiple steady states exist. More recently,
Rovaglio et al. (1993) demonstrated the importance of con-
trolling the entrainer inventory for the smooth operation of
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these towers, especially when multiple steady states exist.
They show that, for the dehydration of ethanol with benzene,
each steady state has a unique entrainer inventory. Different
control schemes are compared and it is shown that, to con-
trol the ethanol purity in the bottoms product, it is preferable
to adjust the benzene makeup rate to give a specified ratio of
benzene/water in the tower inventory rather than to adjust
the heat duty to give a specified tray temperature.

Concluding Remarks

Over the past two decades, we have witnessed a dramatic
improvement in the methodologies for the synthesis, analysis,
design, and control of azeotropic distillation processes. Much
has been accomplished through the use of nonlinear analysis,
such as bifurcation theory, to explain many of the nonlinear
effects, and to produce new methodologies for the synthesis
of sequences of azeotropic distillation towers and for the de-
sign of the individual towers. Despite progress in the devel-
opment of less conventional separations, such as membrane
and adsorption processes, distillation towers are likely to con-
tinue to be widely used for decades to come, taking advan-
tage of many of the advances described herein. Many chal-
lenges remain to seek improvements in column performance
through the development of new design, operation, and con-
trol strategies. In this article, an attempt has been made to
review and clarify the important advances, over the past two
decades. Emphasis is placed on the unresolved issues most
likely to be addressed in the immediate future.

In the synthesis of separation trains, and their operation,
key questions concern the role of the distillation boundaries,
especially when the entrainer/feed ratio moves the operating
lines closer to these boundaries. Strategies for bounding the
product compositions, when operating at finite reflux ratios,
need to be clarified and refined, especially for systems involv-
ing four or more species. Much remains to be resolved in the
application of heuristics and algorithmic methods when syn-
thesizing separation trains, especially those involving highly
nonideal, azeotropic mixtures.

In the analysis and simulation of azeotropic towers, work is
needed to clarify the sources of steady-state multiplicity and,
especially, to show experimentally that it exists. Uniqueness
conditions, comparable to those developed for homogeneous
distillations, need to be developed for heterogeneous distilla-
tions. For the latter, especially during dynamic simulations, it
may be possible to affect smoother phase transitions through
the use of complex variables and operations. This procedure
needs to be further developed and compared with recent
strategies to locate real bifurcation points and to initiate new
branches in the solution diagrams. In this regard, the homo-
topy-continuation method to locate all of the azeotropes in
multicomponent mixtures needs to be evaluated to determine
its effectiveness in locating all of the real bifurcation points
and in initiating the new solution branches.
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Programs and Sources

AUTO = bifurcation analysis of autonomous ODEs; E.
Doedel, Concordia University
ASPEN PLUS = Advanced System for Process Engineering; Aspen
Technology, Inc.
CHEMSIM =distillation column simulation; M. Morari, Cali-
fornia Institute of Technology
DASSL = Differential /Algebraic Simulation System Lan-
guage; L. Petzold, Lawrence Livermore Labora-
tory
DYCODIS = Dynamics and Control of Continuous Distillation
System; M. Rovaglio, Politecnico di Milano
MAYFLOWER =program for synthesis of separation trains; M. F.
Malone and M. F. Doherty, University of Mas-
sachusetts
RADFRAC =multicomponent distillation; Aspen Technology,
Inc.
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